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Introduction 

 

Among fossil fuels, natural gas is the cleanest, in terms of CO2 emission, burn efficiency 

and amount of air pollutant [1]. Methane is the prevailing element of natural gas; therefore, 

there are also a variety of impurities. In fact, it contains usually considerable amounts of 

acid gases (CO2, H2S) which can lead to corrosion in equipments and pipelines if water is 

present. Mercaptans are known as toxic molecules with undesirable odor, and fuel 

combustion of mercaptan molecules can produce SO2 which is undesirable chemical, they 

can cause environmental issues. Acid gases and mercaptans must be removed from natural 

gas until acceptable standard. The treated natural gas contains as maximum as 2% of CO2, 

2–4 ppm of H2S and 5–30 ppm of total mercaptans [2]. Chemical absorption with 

alkanolamines [3] (such as monoethanolamine (MEA), diethanolamine (DEA), 

methyldiethanolamine (MDEA)) is the most well-established method to separate acid gas 

from natural gas. Acid gases react with alkanolamines in the absorber to form electrolyte 

species, mercaptans and hydrocarbons do not react with alkanolamines molecules, and they 

are physically absorbed by aqueous alkanolamine solution. The context and the absorption 

process will be presented in chapter 1. The main aim of this thesis is to develop an accurate 

thermodynamic model to describe alkane, aromatic and Mercaptans (methane, ethane, 

propane, n-butane, n-pentane, n-hexane, benzene, toluene, and Methyl Mercaptan, Ethyl 

Mercaptan) solubilities in aqueous alkanolamine solution, to describe acid gases (CO2,H2S) 

solubilities in aqueous alkanolamine solutions, and to predict other crucial properties like: 

electrolyte concentration, vapor phase composition (mostly water content), and to predict 

phase diagram for multi-component system containing CO2-H2S-alkanolamine-water-

hydrocabon-mercaptan. 

In addition, some experimental works were carried out. Methyl and Ethyl mercaptan 

solubility in aqueous MDEA partition coefficient was determined at three pressures up to 

7MPa, at two temperatures of 333 and 365 K, by using a static-analytic method [4]. The 

other part of experimental work concerns the measurement of apparent Henry’s law 
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constants and infinite dilution activity coefficient for different sulphur component (MM, 

EM, nPM, iPM, nBM, iBM, DMS) in aqueous MEA solution by using gas stripping method 

[5]. The experimental set-ups and results are shown in chapter 2. 

Chapter 3 describes the thermodynamic models involved in this work. Two different 

approaches have been presented: the symmetric and the dissymmetric approaches. The PR-

CPA EoS has been chosen as the symmetric approach. It has an explicit part to account for 

hydrogen bonding, making it well suited to describe interested systems where water and 

alkanolamines molecules form hydrogen bonds between them and themselves (self and 

cross associations). Alkanes are considered as non-associating components. However, due 

to the presence of –OH or –SH functional group, aromatic and mercaptans are considered 

as solvated components. Unlike alkanes, aromatics and mercaptans, for CO2 and H2S, the 

chemical reaction between CO2 / H2S – alkanolamine are treated as strong cross association 

between them, the electrolytes formed after chemical reactions are considered as weak 

electrolyte which are neglected. The Desmukh–Mather model [6] has been chosen as the 

dissymmetric approach. This model utilizes the extended Debye–Hückel expression to 

describe all the activity coefficients of electrolyte species for long distance interactions; it 

uses an EoS and Henry’s law constant to represent the vapour phase. This model is widely 

used in acid gas-amine-water systems modelling, it is considered as a bench mark model 

to be compared with our PR-CPA EoS. 

Chapter 4 summarizes the results of non-reactive components solubilities (including 

methane, ethane, propane, n-butane, n-pentane, n-hexane, benzene, toluene, and ethyl-

benzene) and mercaptans (MM and EM) in aqueous MDEA, DEA and MEA solutions in 

VLE, LLE, and VLLE conditions will be treated with PR-CPA EoS. Different 

thermodynamic properties such as the temperature of minimum solubility, water content, 

and solubility of two alkanes mixtures in aqueous alkanolamine solutions will be predicted 

by PR-CPA for model validation. Moreover, experimental data measured in this work will 

be compared with PR-CPA EoS predictions. 

In chapter 5, different configurations of the PR-CPA EoS with the pseudo chemical 

reaction approach will be investigated to better represent the solubility of acid gas solubility 
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in aqueous alkanolamine solution. CO2-MDEA-water ternary system is assigned to be the 

example system to investigate. The PR-CPA EoS performance will compared to 

Deshmukh–Mather model results for this system. Different thermodynamic properties such 

as VLE, liquid phase speciation, enthalpy of absorption, and vapor phase composition will 

be predicted by PR-CPA EoS for model validation. The PR-CPA EoS will be also used to 

H2S-MDEA-H2O, CO2-MEA-H2O, and H2S-MEA-H2O ternary systems. And different 

multicomponent systems such as CO2-H2S-H2O-CH4, CO2-H2S-MEA-H2O, CO2-H2S-

MDEA-H2O, CO2-MDEA-H2O-CH4 CO2-MDEA-H2O-CH4-EM systems will be predicted 

by PR-CPA EoS. 

The conclusion and future works will be presented in the end of this PhD. Thesis. 
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1 Acid gas removal from natural gas 

Introduction 

Chapter 1 describes the general context of natural gas treatment. The natural gas processing 

is introduced from upstream to downstream. Different technologies of gas treatment are 

briefly presented, such as adsorption, membrane, low temperature separation, physical 

absorption, and chemical absorption. This thesis focus on the chemical absorption, the 

principal of this process and different types of solvent are detailed in this chapter. The 

importance of thermodynamic model is highlighted during the modelling of absorption 

column. The objectives of this work is listed in the end of this chapter. 

Le chapitre 1 décrit le contexte général du traitement du gaz naturel. Le traitement du gaz 

naturel est introduit de l'amont vers l'aval. Différentes technologies de traitement des gaz 

sont brièvement présentées, telles que l'adsorption, la membrane, la séparation à basse 

température, l'absorption physique et l'absorption chimique. Cette thèse se concentre sur 

l'absorption chimique, le principe de ce processus et les différents types de solvants sont 

détaillés dans ce chapitre. L'importance du modèle thermodynamique est mise en évidence 

lors de la modélisation de la colonne d'absorption. Les objectifs de ce travail sont présentés 

à la fin de ce chapitre. 
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1.1 The growth of energy demand of natural gas 

 

The world’s population will increase by 1.5 billion people to reach 8.8 billion people by  

2035. Over the same period, the world’s economy is estimated to be doubled [7]. 

Consequently, the demand of energy will be strongly increased, new energy sources with 

lower carbon content are under development. Hence natural gas is a major energy transition 

to meet growing global needs, it represents 24% of total primary energy in 2014. Natural 

gas is known as the cleanest of all fossil fuels, because it emits 30% less CO2 than oil and 

50% less than coal to generate the same amount of heat [8]. The demand of natural gas is 

still increasing, the estimation is 1.8% per year [7], see Figure 1-1. 

 

Figure 1-1 Shares of primary energy source from BP[7] 

 

The growth natural gas demand in the world leads to a reassessment of the development 

potential of natural gas with high acid gas concentration reserves and shale gas reserves 

that were previously considered economically unsustainable.  
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1.2 Natural gas reserves 

 

Natural gas is formed from the decomposition of plants, animals and micro-organisms. The 

most widely accepted theory states that fossil fuels are usually formed when organic 

materials are decayed and compressed under the earth’s crust at high pressure and for a 

very long time (millions of years). Usually, natural gas consist principally of methane 

(70%-90% on molar composition) and hydrocarbons (ethane, propane, butane, pentane, 

hexane, and Benzene, Toluene, Ethyl benzene and Xylenes). However, there may exist 

various impurities in natural gas reserves, we can cite CO2, H2S, sulphur components and 

water. A typical composition of natural gas is shown in Table 1-1.  

 

Table 1-1 : Example of natural gas composition [9] 

 

Components Composition /mole % 

Methane 84.07 

Ethane 5.86 

Propane 2.20 

i-Butane 0.35 

n-Butane 0.58 

i-Pentane 0.27 

n-pentane 0.25 

n-Hexane 0.28 

n-Heptane and heavier 0.76 

Carbon dioxide 1.30 

Hydrogen sulphide 0.63 

Nitrogen 3.45 

 

The composition of natural gas is related to the type, depth and location of the underground 

reservoirs of porous sedimentary deposit and the geology of the area. 40% of natural gas 

reserves are acid gases, i.e. the concentration of CO2 and H2S is considerable. Middle 
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Eastern and central Asian countries have the most important fields, and the concentration 

of acid gas vary from the location of the natural gas reservoir see Figure 1-2.  

 

Figure 1-2 Global distribution of CO2 content in natural gas reserve [10] 

Acid gases, majority including CO2, H2S and other sulphur species, need to be removed 

down to sufficiently low levels to meet transportation specification. In fact, acid gases can 

lead to corrosion in equipments and pipelines if water is present. Corrosion is defined as 

an irreversible deterioration of a material because of a chemical reaction with its 

environment. If the reaction continues with the same intensity, the metal can be completely 

converted into metal salts.  

Mercaptans and other sulphur components may also exist in natural gas reserves. 

Mercaptans are known as toxic molecules with undesirable odour, and fuel combustion of 

mercaptan molecules can produce Sulphur dioxide SO2 which is undesirable chemical. SO2 

can cause environmental issues like acid rain.  

The treated natural gas must contain as maximum as 2% of CO2, 2–4 ppm of H2S and 5–

30 ppm (volume) of total mercaptans [2]. To meet this demand, different acid gases 
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removal technologies have been developed in the last few decades, such as: absorption, 

adsorption, membrane and low temperature separation technologies. The choice of 

technology depends on the partial pressure of acid gases in the fuel gas and expected purity 

of treated gas. Different technologies can be combined in order to benefit from the 

advantages of each process. Those technologies will be shortly presented in section 1.4. 

 

1.3 Natural gas processing 

 

A typical flow diagram of natural gas processing is shown in Figure 1-3. It shows how raw 

natural gas is processed into sales gas pipelined to the end user markets. It also displays 

the list of products during to the natural gas processing. The products include [11]:  

 Sales gas (mainly methane) 

 Ethane 

 Natural-gas condensate 

 Elemental sulphur 

 Natural-Gas Liquids (NGL): propane, butanes and C5+ 

Raw natural gas is generally collected from a group of gas wells and is treated at the same 

collection site for water and natural gas condensate removal. The condensate is usually 

transported to an oil refinery and the water is disposed as waste. Then the raw gas is passed 

to an acid gas removal plant in order to remove H2S, CO2 and other sulphur components 

(mercaptans, COS, CS2. Etc). There are many processes available for this purpose, they are 

briefly introduced in next section, but chemical absorption with amine is the most historical 

and well established process, it is detailed in next section.  
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Figure 1-3. Flow diagram of a typical natural gas processing plant [12] 

 

The acid gases are sent to a sulphur recovery unit which converts the H2S into elemental 

sulphur or sulphuric acid. The Claus process is by far the most well-known process for 

sulphur recovery [13].  

After passing though dehydration unit, mercury removal unit and nitrogen rejection unit, 

treated gas is sent to the NGL recovery unit. In this unit, gas can be divided into two parts: 

one part in gaseous form which contains a lot of methane and ethane, and second part in 

liquid form which is mainly composed of propane, butane and heavier hydrocarbons (C5 

and above). The sales gas is delivered to the customer by pipeline or tanker as liquefied 

natural gas (LNG).  

 



12 

 

1.4 Acid gas removal technologies 

 

During the near decades, several technologies such as adsorption, membrane, low 

temperature separation, physical absorption and chemical absorption have been developed 

in the aim of acid gas removal from natural gas. Each technology has its advantage and 

limitation, and is adapted to different situations. The combination of those technologies is 

also possible. This thesis focus on the chemical absorption process which is the most 

established one among those technologies.  

1.4.1 Adsorption 

 

Pressure Swing Adsorption (PSA) [14] is a gas separation process in which the adsorbent 

is regenerated by reducing the partial pressure of the adsorbed component.  There are 

three main types of adsorbent: activated carbon, synthetic zeolites and Metal-Organic 

FrameWorks (MOFs). The main characteristics of an adsorbent are the selectivity, the 

effective adsorption amount, the mass transfer rate, and the heat of adsorption.  The 

adsorption systems are particularly suited for medium scale processes but not suitable for 

large scale industrial acid gases capture. 

1.4.2 Membrane 

 

Membrane separation processes [15] can separate selectively acid gases from natural gas. 

They can be applied for high pressure feed gas containing high acid gas concentration. 

They are based on differences in permeabilities of the gas flowing through the membrane. 

The permeability of gases is related to the nature of the permanent species (size, shape, and 

polarity), and the physical-chemical properties of the membrane itself. Nowadays, there 

are principally two types of membrane which are commercially used for acid gas separation: 

polymeric membranes and inorganic membranes. Generally, polymeric membranes have 

good intrinsic transport properties, high processability and low cost[15]. However, 

inorganic membranes which are more expensive than polymeric membranes are more 
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preferment in terms of selectivity, temperature and wear resistance, chemically inertness 

[16]. 

1.4.3 Low temperature separation 

 

Cryogenic separation is also known as low temperature distillation; it uses a very low 

temperature for purifying gas mixtures in the separation process [17]. Cryogenic separation 

is commercially used to liquefy and purify CO2 from natural gas only containing high CO2 

concentrations (typically greater than 50%). The principle of cryogenic separation is 

condensation of gases. When the temperature is below the boiling point of CO2, it begins 

to condense separate and turns into a liquid state. For other gases in natural gas, each of 

them will turn to a liquid at a different point, so they can be separated into pure components 

by using pressure and temperature control. The advantages of this process are the suitability 

to liquefy and purify the feed gas with high concentration of CO2 and for producing a liquid 

CO2 ready for transportation by pipeline and does not require compression. The main 

disadvantage of cryogenic separation is that the process is highly energy intensive for 

regeneration and can significantly decrease the overall plant efficiency when applied to 

streams with low CO2 concentration.  

1.4.4 Physical absorption 

 

Physical absorption processes [18] are the type of absorption processes where the solvent 

interacts only physically with acid gases. This process can be used when the feed gas is 

characterized by high CO2/H2S partial pressure and low temperatures. CO2/H2S is released 

at atmospheric pressure. The existence of heavy hydrocarbon in the feed gas restricts the 

wide use of physical solvent. In addition, low acid gases partial pressures may also 

discourage the application of physical solvents. The choice of physical solvent is case 

dependent, for example: methanol is a physical solvent process that has been used for 

removing CO2, Selexol [19] and Glycol [20] are effective for capturing both CO2 and H2S, 

Glycerol carbonate [21] has high selectivity for CO2 over H2S. The disadvantage of this 

process is that the solvent is needed to be regenerated at low temperature. 
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1.4.5 Chemical absorption 

 

Chemical absorption processes are used to remove acid gases by aqueous action chemical 

reaction between a solvent with the gases. These processes use a solvent, either an 

alkanolamine (amine process [22]) or an alkali-salt(hot potassium carbonate processes [23]) 

in an aqueous solution. The amine process is widely used to purify natural gas with a wide 

range of partial pressure on acid gases, and it has lower equipment and operation cost. The 

common amine based solvents used for the absorption process are MEA, DEA and MDEA 

that reacts with the acid gas (CO2 and H2S). H2S and CO2 can be dissociated from aqueous 

amine solution by heat.  

 

1.5 Chemical absorption process 

1.5.1 1 The principal of chemical absorption process 

 

Absorption with chemical solvents based on amine has been widely used for the removal 

of acid gas from natural gas in the gas processing industry. Alkanolamines are the most 

commonly used solvent for acid gas removal process. As shown in Figure 1-4, the amine 

absorption process consists two columns: “absorber” (contactor) and “regenerator” 

(stripper). In the absorber, amine solution is in counter current with the feed gas stream, 

and acid-base reaction takes place between acid gases impurities and amine solution. The 

treated gas stream leaves at the top of the absorber and goes for further process. At the 

meantime, the amine solution becomes loaded with acid gases, also called “rich amine”. It 

should be noted that hydrocarbons and aromatics are also physically dissolved in rich 

amine solution in the absorber. Therefore, the rich amine solution is sent to one or two 

flush drums in order to recover dissolved hydrocarbons. The recovered hydrocarbons are 

used as plant energy source. Before going into the top of regenerator, the rich amine 

solution is heated by lean amine stream in a heat exchanger.  When the rich amine solution 

flows down from the top of the regenerator to the reboiler, the chemical bends between 

acid gases and amines are broken by the heat. Acid gases are released and exit from the top 
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of the regenerator, they can be sent to sulphur recovery units. The lean amine solution 

leaves from the bottom of the regenerator and then goes though the filtering and skimming 

unit for removing heavy liquid hydrocarbons. 

 

Figure 1-4 Typical Amine Flow Diagram[24] 

Since the reactions between acid gases and amines are exothermic, the capacity of 

absorption is more appreciate at lower temperature. However, the reaction rate is very slow 

at lower temperature. Typically, in amine process, absorber is operated at 40 °C which is a 

compromise between absorption capacity and reaction rate. The absorber operating 

pressure is typically 7 MPa. For the regenerator, although the regeneration of amine is 

better at higher temperature, high temperature could lead to the degradation of amine 

molecules and corrosion of equipment. Therefore, the typical operating temperature of the 

regenerator is around 120 °C. The operational pressure of regenerator is around 0.1-0.2 

MPa. 

 

 

1.5.2 The types of amines 
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Nowadays, MonoEthanolAmine (MEA), DiEthanolAmine (DEA), and 

MethyDiEthanolAmine (MDEA) are the most commonly used to purify natural gas, their 

structures are shown in Figure 1-5. 

 

Figure 1-5 Structural formulae for alkanolamines used in gas treating units 

Alkanolamines contain both the alcohol functional groups -OH and the amine functional 

groups -NH. Due to alcohol functional groups, alkanolamines are totally miscible with 

water. Alkanolamine is basic because of the presence of amine functional groups. Here, R 

represents the functional group HOCH2CH2-, MEA has the chemical formula RNH2, DEA 

has R2NH and MDEA has R2N-CH3. The reaction between H2S and the alkanolamines can 

generally be represented by (we take MEA as an example): 

 2 2 3[ ] [ ]RNH H S RNH HS      (0.1) 

The reactions are instantaneous, and occur with primary, secondary and tertiary amines. 

However, reactions with CO2 depend on the nature of the alkanolamine molecule. Primary 

and secondary amines react with CO2 and form carbamate, it can be written as (we take 

MEA as an example): 

 2 2 2 3[ ]RNH CO H O RNH COO H O       (0.2) 

Ternary alkanolamines (MDEA) cannot directly react with CO2, because there is no proton 

on the nitrogen atom. Therefore, CO2 reacts firstly with water to form carbonic acid 

(H2CO3), and then carbonic acid reacts with the alkanolamine. It can be written as: 

 2 3 2 2 2 4 3[ ]R N CH CO H O R N CH HCO         (0.3) 

Primary and secondary amines react simultaneously with both H2S and CO2, tertiary 

amines react quickly with H2S but very slowly with CO2, tertiary amines like MDEA can 
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be used to selective capture of H2S [25]. The selective removal and other advantages of 

MDEA make it the most widely used amine in natural gas treatment industry: lower 

regeneration energy required compared to MEA and DEA; significantly lower vapour 

pressure, see Figure 1-6; higher absorption capacity; very low corrosion rate; higher 

chemical stability, lower capacity for absorption of hydrocarbons [26]. Those advantages 

of MDEA result in lower energy consumption for solvent regeneration, smaller equipment 

size and lower plant cost. Moreover, additives such as piperazine can be used to increase 

the rate of reaction between CO2 and MDEA, make it suitable for simultaneous removal of 

H2S and CO2 [27]. However, MDEA is more expensive than MEA and DEA. 

 

Figure 1-6.Vapour pressures of different alkanolamines as a function of inverse of temperature, data 

from NIST (◇)=MEA, (○)=DEA, (Δ)=MDEA 

 

MEA is only applied for treatment of gases containing low concentrations of CO2 and H2S. 

The advantages of MEA are: high reactivity and low cost [28,29]. The main disadvantages 

of MEA are: high corrosiveness, high heat of regeneration, high cost of plant, high vapour 

-5

0

5

10

15

20

0.001 0.0015 0.002 0.0025 0.003 0.0035 0.004

ln
 (

P
)

T-1 /K-1



18 

 

pressure leading to solvent losses by vaporization. MEA may form nonregenerative 

compound with COS and/or CS2 [30,31]. 

DEA is a compromise between MDEA and MEA, it has lower reactivity than MEA, but 

higher than MDEA. DEA is also less corrosive than MEA, more corrosive than MDEA 

[32]. Unlike MEA, DEA do not generate nonregenerative compound with COS and/or CS2. 

Moreover, DEA has lower vapour pressure than MEA and MDEA. 

1.5.3 Modelling of amine absorption columns 

 

The modelling of amine absorption columns is essentially important for process simulation 

and design in order to meet sell gas specification and minimize capital/operation costs. 

There are two different approaches are available. One is the equilibrium model, in which 

the vapour and liquid phases are in the thermodynamic equilibrium. Another is the non-

equilibrium model which is also called rate based model accounting the mass transfer rate 

across the vapour-liquid interface. 

1.5.3.1 Equilibrium model 

 

The equilibrium model is the traditional way of analysing the distillation process, which 

assumes that each gas stream leaving from a tray or a packing segment is in thermodynamic 

equilibrium with the corresponding liquid stream leaving from the same tray or packing 

segment. For chemical absorption columns, the chemical reaction must also be taken into 

account. The whole column is divided into numbers of stages, see Figure 1-7.  
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Figure 1-7 Decomposition of the distillation into theoretical stages [33] 

Where V is given as the vapour stream flow and L given as the liquid stream flow  

Each stage of equilibrium represents an ideal tray or packaging segment. These stages are 

represented with the equilibrium model with MESH equations. MESH Equations [33] 

include: 

 Material balances 

 Equilibrium relationships (to express the assumption that the streams leaving the stage are 

in equilibrium with each other)  

 Summation equations (mole fractions are perverse quantities and won’t sum to unity unless 

you force them to)  

 Heat or enthalpy balances (processes conserve energy, as well as mass).  

In the reality, the stream leaving from a tray of column is not in thermodynamic equilibrium 

with the liquid inside. The compositions of streams depend also on the rates of mass 

transfer from the vapour to the liquid phases. Therefore, correlation parameters such as tray 

efficiencies or Height Equivalent to a Theoretical Plate (HETP) are needed to fit the gap 

between the equilibrium-based theoretical description and real column conditions. For tray 

columns see Figure 1-8, Murphree efficiency [34] is the mostly used one to describe the 

real trays from the ideal trays in modelling and design, it is expressed as follow:  
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Figure 1-8 Flow patterns on a column tray [33] 

 

 , *

iL iE
Murph i

iL iE

y y
E

y y





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Where * represents thermodynamic equilibrium condition: y*=K x*
, x is the mole 

composition of liquid phase. 

For the packed columns, the HETP is a number that is easy to use in column design. Usually, 

HETPs are estimated from past experience with similar processes. However, for new 

processes, this approach cannot be used, and often fails even for old processes.  

Thanks to its simplicity, the equilibrium model has been used to simulate and design 

columns for more than 100 years. However, equilibrium model still has some major 

weaknesses to be improved. For example, tray efficiency or HETP correlation parameters 

vary from component to component and from tray to tray, in a multicomponent mixture. 
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1.5.3.2 Non-equilibrium model (rate-based model) 

In order to improve the model and description of column, rate-based model has been 

developed in recent years. It treats separation processes as mass-transfer-rate-governed 

processes that they really are. The building block of the non-equilibrium model is shown 

in Figure 1-9.  

 

Figure 1-9 1D schematic diagram of a non-equilibrium stage [33] 

The equations applied in non-equilibrium model is named as MERSHQ equations [33]: 

 M:material balances •  

 E: Energy balances  

 R: mass and heat transfer rate equations 

 S: summation equations  

 H: hydraulic equations for pressure drop  

 Q: equilibrium equations 

Some of these equations are also used in equilibrium model. However, the significant 

difference of non-equilibrium model from equilibrium model is that the separate balance 

equations have to be written for each phase [33]. The models describing mass and energy 
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transfer are crucial to determine the interfacial molar and energy fluxes. The two-film 

model is the most commonly used one. The two- film model of CO2 absorption is illustrated 

in Figure 1-10.  

 

Figure 1-10 Illustration of the gas and liquid mass transfer occurring in a segment of packed column 

during the absorption process [35] 

In two-film model, stationary gas and liquid films are assumed to form on both sides of 

gas-liquid interface. CO2 in the gas bulk passes through the gas film, then crosses the gas-

liquid interface (where the reactions between CO2 and amine start to take place), and then 

enters into the liquid film. According to the two film theory, since the thickness of films is 

extremely thin, mass transfer within the films is dominated by concentration gradient due 

to molecular diffusion. The mass transfer relations can be described by following equations: 

 
2 2 2

*( )CO G CO CON K P P    (0.5) 

where NCO2 is the CO2 molar flux across the interface, KG is the overall mass transfer 

coefficient of CO2 in gas, P*
CO2 is the equilibrium CO2 partial pressure in the bulk liquid, 

and PCO2 is the CO2 partial pressure in the bulk gas. P*
CO2 is calculated using  

Henry’s law with following Equation: 

 
2 2 2

* b

CO CO COP H C   (0.6) 
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Where HCO2 is the Henry constant of CO2 in aqueous solution, Cb CO2 is the concentration 

of CO2 in the bulk liquid. 

According to the two films theory, the overall mass transfer coefficient KG is expressed by 

following Equation: 

 2

'

1 1 CO

G G l

H

K k Ek
    (0.7) 

With kG is the mass transfer coefficient in the gas phase, kl
’ is the mass transfer coefficient 

without reaction in the liquid phase and E is the enhancement factor due to chemical 

reactions. 

 

In real chemical absorption process, thermodynamic equilibrium is rarely reached; it is 

rather than a complex rate-controlled process that happens far from thermodynamic 

equilibrium. Non-equilibrium model is able to take into account those phenomenons. 

1.6 The importance of the thermodynamic model 

 

Figure 1-11 physical property needs of equilibrium (right) and non-equilibrium (left) models [33] 
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Figure 1-11 illustrates the physical property requirements for equilibrium and non-

equilibrium models, it can been seen that both equilibrium and non-equilibrium model 

need thermodynamic properties such as: activity coefficients, vapour pressures, fugacity 

coefficient, densities and enthalpies. Those thermodynamic properties are provided by 

reliable thermodynamic model prediction or correlations. Moreover, other physical 

properties required by non-equilibrium model such as viscosities, surface tension, 

diffusivities and thermal conductivities need accurate density prediction in the 

correlations. Thus it is essential that accurate prediction of thermodynamic properties is 

the key for chemical absorption column design.  

 

 

1.7 Scope of this thesis 

 

Thermodynamic model is of high importance as it is directly linked to the determination 

of the maximum absorption capacity of the solvent, as a consequence the quantity of 

solvent to be considered in the columns. An accurate thermodynamic model is able to 

predict the loose of hydrocarbons (solubility in aqueous alkanolamine solution), the loose 

of solvent (vapour phase composition), and the speciation of liquid phase. Furthermore, 

it also describes the absorption/desorption enthalpy behaviour.  

A key challenge is to develop a thermodynamic model which is able to accurately predict 

the above properties with a wide range of temperature, a wide range of amine 

concentration and a wide range of acid gases loading ratio. The fluids involved in acid 

gases removal process are: Acid gases (H2S and CO2), alkanolamines (MEA, DEA, 

MDEA), water, Alkane and aromatic hydrocarbons (methane, ethane, propane, n-butane, 

n-pentane, n-hexane, benzene, toluene) and mercaptans. They make the system very 

complex, it contains liquid phase speciation, intermolecular association via hydrogen 
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bonds and chemical reactions. The classical models used for such fluids are reviewed in 

chapter 3. 

Thermodynamic modelling for these systems requires parameter adjustments from 

experimental data. For acid gas, alkane and aromatic in alkanolamine solutions, various 

Vapour-Liquid Equilibrium, Liquid-Liquid Equilibrium, Vapour-Liquid-Liquid 

experimental data are available in the literature or GPA research reports, lists of reference 

are detailed in chapter 4 and 5. VLE experimental measurement has been carried out 

concerning MM or EM in aqueous MDEA by using experimental set-up and procedure 

at CTP, the experimental work is detailed in chapter 2. 
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2 `Experimental work 

Introduction  

 

As explained in Chapter 1, there is a gap of experimental data to validate our model for 

predicting mercaptans solubility in aqueous alkanolamine solution. In this chapter, the 

experimental set up and the results for Vapour Liquid Equilibrium data of mercaptans (MM 

and EM) in aqueous MDEA solution will be represented. Based on the previous work done 

in CTP [36], the static analytic method has been used for those measurements. The 

uncertainties of temperature, pressure, and compositions will be estimated. These 

experimental data are used for model validation, and they will be presented in the Chapter 

4.In the context of the choice of solvent for mercaptan removal, I have also participated on 

the Gas Processor Association project 142. Different sulphur components solubility in 14.6 

wt% MEA will be measured in terms of Henry’s law constant by using a gas stripping 

method. 

Comme cela est expliqué au chapitre 1, il manque des données expérimentales pour valider 

notre modèle pour prédire la solubilité des mercaptans dans la solution aqueuse 

d'alcanolamine. Dans ce chapitre, l'ensemble expérimental et les résultats pour les données 

d'équilibre liquide-vapeur de mercaptans (MM et EM) dans une solution aqueuse de 

MDEA seront représentés. Sur la base des travaux antérieurs réalisés dans CTP [36], la 

méthode analytique statique a été utilisée pour ces mesures. Les incertitudes de température, 

de pression et de composition seront estimées. Ces données expérimentales sont utilisées 

pour la validation du modèle et seront présentées dans le chapitre 4. Dans le cadre du choix 

du solvant pour l'élimination des mercaptans, j'ai également participé au projet GPA 142. 

La solubilité des composants soufrés dans 14,6% du MEA sera mesurée en termes de 

constante de loi de Henry en utilisant une méthode de Stripping.  
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2.1 Static-analytic method: 

2.1.1 Experimental setup 

 

The static-analytic method is used for Vapour Liquid Equilibrium measurements of ethyl 

mercaptan and methyl mercaptan, in aqueous MDEA solution. The schematic diagram of 

this apparatus is presented in Figure 2-1 [36]. The experimental set up contains mainly an 

equilibrium cell, a ROLSI® [37] capillary sampler and a gas chromatograph.  

 

Figure 2-1. Schematic diagram of apparatus: d. a. u. : Data Acquisition Unit ; DDD : Digital 

Displacement Display ; DM : Degassed Mixture ; DT : Displacement Transducer ; EC : Equilibrium 

Cell ; GC : Gas Chromatograph ; LB: Liquid Bath; LS : Liquid Sampler ; LVi : Loading Valve ; MR; 
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Magnetic Rod; P: Propeller; PP : Platinum Probe ; PTh: Pressure transducer for high pressure values; 

PTl: Pressure transducer for low pressure values; SD : Stirring Device ; SM: Sample Monitoring; CI: 

Cylindrical tube Injector; TR: Thermal Regulator; Vi: Valve; VP: Vacuum Pump; VS: Vapour 

Sampler; VVCM: Variable Volume Cell for Mixture. 

2.1.1.1 The equilibrium cell 

 

The volume of the equilibrium cell is 34 cm3.The equilibrium cell is made of a sapphire 

tube which is held between two stainless steel flanges (top and bottom). These flanges have 

four valves (LV1, LV2, LV3 and LV4) for gas and liquid loading and cleaning the cell. 

LV1 is used for H2S loading. LV2 is the loading Valve for charged alkanolamine solutions, 

LV3 is the loading valve for CO2. LV4 is the loading valve for CH4. This equilibrium cell 

can be operated within 10 MPa and between 223.15 and 473.15 K. The equilibrium cell is 

immersed in temperature-constant oil bath with temperature tolerance of 0.1 K. The 

temperature in equilibrium cell is represented by the average value of the temperatures at 

the top and bottom of the cell. These temperatures are measured through two platinum 

resistance thermometers within 0.02 K accuracy. The pressure in the equilibrium cell is 

measured by a pressure transducer which is able measure up to 10 MPa. The pressure 

measurement accuracy is 0.0001 MPa.  

2.1.1.2 The ROLSITM sampler 

 

A typical ROLSI® capillary sampler [37] is shown in Figure 2-2. It consists of a capillary 

of 0.1 mm internal diameter. The capillary is connected to sample chamber through an 

aperture. The sample chamber is connected to a gas chromatograph through transfer lines. 

The sample chamber of the sampler, injector and analytical packed column, are at same 

pressure where carrier gas (He) is always circulated at a constant flow rate with pressure 

close to 0.3 MPa. The ROLSI® capillary sampler is able to take samples of several µL by 

opening the aperture for limited time. With this small amount of sample, we can be 

confident that thermodynamic equilibrium will not be changed in the equilibrium cell. In 

fact the sample size is negligible compared to the volume of liquid/vapour phase to be 
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analysed (between 10-30 mL). The volume of the sample taken by the sampler is 

qualitatively related to the opening time which can be programmed with a particular value. 

A heating system is around the sampler to ensure an instantaneous vaporization of liquid 

samples and to avoid the condensation of the sample steam. Then the sample is sent to the 

gas chromatograph through a transfer line which is also heated to avoid liquid condensation. 

The heating temperature of transfer line is higher than the boiling point of MDEA, the 

heaviest component among components to be analysed.  

 

Figure 2-2 Cross sectional view of Electromagnetic ROLSI® 

2.1.1.3 Solvent preparation 

The chemicals used in this study with their purity are shown in Table 2-1, no further 

purification has been done for these chemicals. In this study MM/EM are directly added 

into the prepared aqueous MDEA solution instead of adding MM/EM though the loading 

valves on the equilibrium cell. It’s deal to a better control for concentration of MM/EM in 

alkanolamine solution. Table 2-2, Table 2-3 and Table 2-4 give the compositions of 

prepared aqueous solutions. 
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Table 2-1. Purity and producer of the used substances 

Chemical Name CAS No. Purity % Supplier 

n-Methyldiethanolamine (MDEA) 105-59-9 99 + GC Aldrich 

Methyl Mercaptan (MM) 74-93-1 99 + / GC Acros 

Ethyl Mercaptan (EM) 75-08-1 99 + / GC Acros 

Water ( H2O) 7732-18-5 Ultra pure Millipore/ Direct Q 

Methane ( CH4) 74-82-8 99.995 / vol. Messer 

 

Table 2-2 Composition of prepared 25 wt % MDEA aqueous solution with EM (2281ppm)  

 water MDEA C2H5SH (ppm) uncertainty 

M /g/mol 18.02 119.16 62.1356 - 

m /g 243.94 81.39 2.0196 0.00005 

mass fraction 0.7452 0.2486 0.0062 0.00001 

mole fraction 0.94980 0.04792 2281 ppm 0.00001 

 

Table 2-3 Composition of prepared 25 wt % MDEA aqueous solution with EM (1112ppm) 

 
Water MDEA C2H5SH(ppm) uncertainty 

M /g/mol 18.02 119.163 62.1356 - 

m /g 150.15 50.04 0.6057 0.00005 

mass fraction 0.7477 0.2492 0.0030 0.00001 

mole fraction 0.9509 0.0479 1112 ppm 0.00001 
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Table 2-4 Composition of prepared 25 wt % MDEA aqueous solution with MM (2438ppm) 

 

 MDEA H2O CH3SH(ppm) uncertainty 

M /g/mol 119.16 18.02 48.11 - 

M /g 46.7699 140.5454 0.9632 0.00005 

mass fraction 0.2524 0.7585 0.52 0.00001 

mole fraction 0.0478 0.9498 2438 ppm 0.00001 

 

 

2.1.1.4 Gas chromatography 

Figure 2-3 shows the typical configuration of a gas chromatography system. It usually 

contains: a sample injector, a separation column which is linked to ROLSI® capillary 

sampler through the transfer line, Thermal Conductivity Detector (TCD) and Flame 

Ionization Detector (FID) connected in series a simplified analytic circuit, and a multi 

switch valve which allows loading and cleaning components in the gas chromatography.  
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Figure 2-3 Gas chromatograph for liquid and vapor phase analysis (simplified analytical circuit), A1 

A2 : Column; AG: auxiliary gas; C: commuting valve; FID: Flame Ionization Detector; I: Injectors; 

O: Oven; T: Thermal conductivity detector; VS: Vapor phase sampler; LS: Liquid phase sampler.[38] 

In this study, a pre-column A1 (same material as the analytical packed column with a 

shorter length) is added on the multi switch valves in order to avoid the retention of MDEA 

sampled from the liquid/vapour phase in the analytical packed column. In fact, the MDEA 

in the sample is adsorbed inside the column even at high temperature (523K) and generate 

bad peaks. Therefore, CH4, H2O, CO2, and H2S are separated in the pre-column and send 

to the analytical packed column by controlling the commuting time of valve C. MDEA will 

not go into the analytical packed column; the quantity of MDEA can only be calculated by 

assuming that the ratio between MDEA and water is constant in the liquid phase. The 

critical parameters for the separation of peaks and the quality of the analysis are the choice 

of column, temperature of the column, carrier gas nature, flow rate of carrier gas, type and 

parameters of the detector, their values are shown in Table 2-5. The gradient of temperature 

programmed in function of time for the oven is represented in Figure 2-4. 
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Table 2-5 Parameter setting for GC liquid and vapour analysis.  

Gas chromatograph  Perichrom, Model 2100  

Type of column  Analytical column: Porapack R type (1.2 meter length and 1/8” wide, 80/100 

mesh)  

Pre-column: Porapack R type (0.2 meter length and 1/8” wide, 80/100 mesh) 

TCD  T = 453 K 

Gain : 1, offset =30010µ Volts 

Reference gas flow: He: 30 ml/min  

FID  T= 523 K, Gain : 10 nA , current=120 mVolts 

Hydrogen flow : 49 mL/min and air flow : 59 mL/min  

Carrier  gas: Helium  Gas flow : He: 29.7 mL/min  

 

Figure 2-4. Oven temperature programming as a function of time (min) from 333 to 518 K. 

 

2.1.1.5  Calibration of detectors 

This calibration is carried out by using 50, 100 and 500 µL automatic syringes (SGE, 

Australia) for gas (CH4, CO2, H2S), 1 and 5 µL syringe for water and MM/EM dissolved 
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in methanol. The TCD and FID detectors are calibrated by using the method of external 

standards where a known volume of pure components and known mixture compositions 

are injected into the GC through the injector (see Figure 2-5). The peak area obtained 

corresponds to a known quantity of substance.  

 

Figure 2-5. GC gas/liquid injector [36] 

Calibration curves for different compounds were obtained; they are detailed in 

APPRENDIX I. A polynomial equation of each curve corresponds to the peak area in 

function of mole numbers of injected quantity for a given component. The parameters are 

adjusted and they can estimate the calibration uncertainty. The accuracy of each component 

in the corresponding phase is shown in Table 2-6.  

Table 2-6 Components and accuracy (typical accuracy values) 

Component Phase Detector (sensitivity) Accuracy % 

CH4 Vapour TCD (gain=0.5) 2.5 

H2O Liquid TCD (gain=0.5) 1.5 

CH4 Liquid FID (10nA) 3.5 

EM Liquid/vapour FID (10nA) 3 

MM Liquid/Vapour FID (10nA) 1.8 
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2.1.2 Results 

 

The operation protocol follows the well-established instructions of CTP [36]. The VLE 

measurement results of 2438 ppm MM: 2438 ppm, 1112 ppm EM and 2281 ppm EM in 25 

wt% aqueous MDEA solution are represented in Table 2-7a, 2-7b and 2-7c respectively. 

The uncertainty of composition in the liquid and vapour phases are also represented, they 

are calculated by using the method of NIST which is detailed in APPRENDIX II. These 

data are used for model validation in chapter 4. 
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Table 2-7a. Vapour Liquid equilibrium data of MM in aqueous MDEA solution (25 wt% MDEA) (global concentration of MM: 2438 ppm). x corresponds 

to the standard deviation due to repeatability measurements. u(x) corresponds to the uncertainty u(T)=0.02 K, u(P)=0.0001 MPa 

 

T P  MM CH4 MDEA H2O  MM CH4 

/K /MPa n x x x x x x x x n y y y y 

332.68 2.0033 6 0.00253 2E-05 0.00041 2E-06 0.04777 9E-07 0.94929 2E-05 4 0.04123 1E-04 0.95877 1E-04 

332.71 4.0292 6 0.00210 2E-05 0.00084 2E-05 0.04777 2E-06 0.94929 4E-05 5 0.01987 1E-05 0.98013 1E-05 

332.69 7.0543 7 0.00167 3E-05 0.00145 1E-05 0.04776 1E-06 0.94912 2E-05 6 0.01013 3E-05 0.98987 3E-05 

364.54 1.9405 7 0.00205 3E-05 0.00039 5E-06 0.04780 2E-06 0.94977 4E-05 10 0.05917 9E-05 0.94083 9E-05 

364.58 4.0580 7 0.00178 2E-05 0.00087 1E-05 0.04779 1E-06 0.94957 3E-05 4 0.02742 1E-05 0.97258 1E-05 

364.60 7.0408 7 0.00157 2E-05 0.00153 1E-05 0.04776 1E-06 0.94914 3E-05 5 0.01503 2E-05 0.98497 2E-05 

 

MM CH4 MDEA H2O MM CH4 

u(x) u(x) u(x) u(x) u(y) u(y) 

5.10E-05 7.19E-06 9.49E-04 1.89E-02 1.16E-04 1.94E-03 

4.28E-05 1.49E-05 9.49E-04 1.89E-02 5.66E-05 1.98E-03 

3.30E-05 2.49E-05 9.49E-04 1.89E-02 2.91E-05 2.01E-03 

4.07E-05 6.75E-06 9.50E-04 1.89E-02 1.66E-04 1.93E-03 

3.57E-05 1.51E-05 9.50E-04 1.89E-02 7.78E-05 1.96E-03 

3.09E-05 2.62E-05 9.49E-04 1.89E-02 4.30E-05 2.00E-03 
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Table 2-7b. Vapour Liquid equilibrium data of EM in aqueous MDEA solution (25 wt% MDEA) (global concentration of EM: 1112 ppm). x corresponds 

to the standard deviation due to repeatability measurements. u(x) corresponds to the uncertainty u(T)=0.02 K, u(P)=0.0001 MPa 

 

T P  EM CH4 MDEA H2O  EM CH4 

/K /MPa n x x x x x x x x n y y y y 

333.97 2.0067 5 0.000426 8E-6 0.000456 9E-6 0.04794 4E-7 0.95118 8E-6 20 0.0079 2E-4 0.9921 2E-4 

333.98 4.3155 7 0.000475 4E-6 0.001041 2E-5 0.04791 9E-7 0.95057 2E-5 6 0.0045 1E-4 0.9955 1E-4 

333.97 6.8929 6 0.00042 2E-5 0.001683 3E-5 0.04788 2E-6 0.95002 3E-5 5 0.00299 9E-5 0.9970 2E-4 

364.68 1.1996 5 0.000371 4E-6 0.000450 2E-6 0.04794 2E-7 0.95123 4E-6 9 0.0124 1E-4 0.9876 1E-4 

365.71 4.0190 6 0.000367 3E-6 0.001006 9E-6 0.04792 4E-7 0.95071 7E-6 20 0.00719 5E-5 0.99281 5E-5 

365.58 7.0163 8 0.000337 1E-5 0.001697 7E-6 0.04788 4E-7 0.95008 9E-6 8 0.00429 5E-5 0.99573 8E-5 

 

EM CH4 MDEA H2O MM CH4 

u(x) u(x) u(x) u(x) u(y) u(y) 

1.2E-05 6.4E-06 6.4E-04 1.3E-02 4.6E-05 4.1E-03 

1.3E-05 1.5E-05 6.4E-04 1.3E-02 2.6E-05 4.1E-03 

1.2E-05 2.3E-05 6.4E-04 1.3E-02 1.8E-05 4.2E-03 

1.1E-05 6.3E-06 6.4E-04 1.3E-02 7.2E-05 4.1E-03 

1.0E-05 1.4E-05 6.4E-04 1.3E-02 4.2E-05 4.1E-03 

9.5E-06 2.4E-05 6.4E-04 1.3E-02 2.5E-05 4.1E-03 
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Table 2-7c. Vapour Liquid equilibrium data of EM in aqueous MDEA solution (25 wt% MDEA) (global concentration of EM: 2281 ppm). x corresponds 

to the standard deviation due to repeatability measurements. u(x) corresponds to the uncertainty u(T)=0.02 K, u(P)=0.0001 MPa 

 

T P  CH4 H2O MDEA EM CH4 H2O 

/K /MPa n x x x x x x x x y x y x

333.30 2.1754 9 0.000378 2E-06 0.951 4E-06 0.048 2E-07 0.00054 3E-06 0.992 2E-05 0.00789 2E-05 

333.32 4.0419 7 0.000690 4E-06 0.95 8E-06 0.048 4E-07 0.0005 6E-06 0.995 5E-06 0.00466 5E-06 

333.28 6.9601 14 0.001130 7E-06 0.95 7E-06 0.048 4E-07 0.00041 3E-06 0.997 3E-05 0.00297 3E-05 

365.12 2.0088 9 0.000374 1E-05 0.951 1E-05 0.048 6E-07 0.00051 3E-06 0.986 3E-05 0.0136 3E-05 

365.12 4.041 6 0.000780 2E-05 0.951 2E-05 0.048 9E-07 0.00045 5E-06 0.993 6E-05 0.00704 6E-05 

365.12 7.1768 7 0.001270 8E-06 0.951 6E-06 0.048 3E-07 0.00035 4E-06 0.995 2E-05 0.0041 2E-05 

 

EM CH4 MDEA H2O MM CH4 

u(x) u(x) u(x) u(x) u(y) u(y) 

1.9E-05 6.7E-06 8.2E-04 1.6E-02 5.5E-05 4.9E-03 

1.8E-05 1.2E-05 8.2E-04 1.6E-02 3.3E-05 5.0E-03 

1.5E-05 2.0E-05 8.2E-04 1.6E-02 2.1E-05 5.0E-03 

1.8E-05 6.7E-06 8.2E-04 1.6E-02 9.5E-05 4.9E-03 

1.6E-05 1.4E-05 8.2E-04 1.6E-02 4.9E-05 4.9E-03 

1.2E-05 2.3E-05 8.2E-04 1.6E-02 2.9E-05 5.0E-03 
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2.2  The Gas Stripping method 

 

I focused also on the measurement of the Henry’s law constant and infinite dilution activity 

coefficient of sulphur component such as mercaptans, DMS and CS2. Gas Stripping method 

(Krummen et al.[5]) was used, this method is based on the variation of vapour phase 

composition when the highly diluted solute of the liquid mixture in an equilibrium cell is 

stripped from the solution by a flow of inert gas. The composition of the solute of the leaving 

gas decreases exponentially as a function of time.  

2.2.1 Experimental set up 

The schematic diagram of this apparatus is shown in Figure 2-6. In this method, two cells (one 

dilutor and one saturator) are immersed inside a liquid bath regulated to within 0.01 K. A 

platinum probe is in contact with the liquid phase of the “dilutor cell” connected to an electronic 

display, is used for temperature readings. 40 cm3 of solvent was introduced into the “saturator 

cell”, and about 50 cm3 of the solvent is introduced into the “dilutor cell” with 10-50 µL of 

solute (sulphur component). The flow rate of the stripping gas (helium) is controlled by flow 

regulator. Before entering into the dilutor, helium is injected into the saturator to counteract the 

loss of solvent in the dilutor. The vapour phase of the dilutor is periodically sampled and 

analysed using gas chromatography. 

 

Figure 2-6 Flow diagram of the equipment: BF, bubble flow meter; C, chromatograph; D, dilutor; d.a.s., 

data acquisition system; He,helium cylinder; E1, E2, heat exchangers; FE, flow meter electronic; FR, flow 

regulator; L, sampling loop; LB, liquid bath; O, O-ring; PP,platinum resistance thermometer probe; S, 
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saturator; SI, solute injector; Sp, septum; SV, sampling valve; TR, temperature regulator;VSS, variable 

speed stirrer 

 

Analytical work was carried out using a gas chromatograph (PERICHROM model PR2100, 

France) equipped with a Flame Ionization Detector (FID) and a Thermal Conductivity Detector 

(TCD) connected to a data software system. Helium is used as the carrier gas in this experiment.  

 For CS2, TCD is used as detector, the reference of the analytical column is HAYSEP B, 

80/100 Mesh (Silcosteel, length 0.66 m, diameter 2 mm) from RESTEK, France. 

 For other components, FID is used as detector, the reference of the analytical column 

is: 15% APIEZON L, 80/100 Mesh (Silcosteel, length 1.2 m, diameter 2 mm) from 

RESTEK, France. 

 

2.2.2 Chemicals 

The measurements have been carried out for DMS and different mecaptans (methyl mercaptan, 

ethyl mercaptan, isopropyl mercaptan, n-propyl mercaptan and, n-butyl mercaptan isobutyl 

mercaptan) in 14.6 wt% aqueous MEA solution at the temperature range of 298-348 K and at 

1 atm. Then the measurements have been performed for CS2 in pure water. However, due to the 

chemical reaction taking place between water and CS2, the Henry’s law constant cannot be 

obtained by using gas stripping method (see details in section 2.2.5). The chemicals used are 

presented in Table 2-8. The composition of prepared solution is presented in Table 2-9. 

Table 2-8 CAS Numbers, Purities and Suppliers of Materials. 

Chemical Name CAS No. Purity % Supplier 

Methyldiethanolamine (MDEA) 105-59-9 99 + / GC Aldrich 

Monoethanolamine (MEA) 109-83-1 99 + / GC Aldrich 

Methyl Mercaptan (MM) 74-93-1 99 + / GC Aldrich 

Ethyl Mercaptan (EM) 75-08-1 99 + / GC Acros 

n-Propyl Mercaptan (n-PM) 107-03-9 99 + / GC Aldrich 

Isopropyl Mercaptan (iPM) 75-33-2 99+ Aldrich 

n-Butyl Mercaptan (n-BM) 109-79-5 99 + / GC Aldrich 

Isobutyl Mercaptan (iBM) 513-44-0 99+ Aldrich 
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Carbon Disulfide 75-15-0 99+ Aldrich 

Dimethyl Sulfide (DMS) 75-18-3 99 Fluka 

Water ( H2O) 7732-18-5 Ultra pure Millipore/ Direct Q 

 

Table 2-9 Composition of prepared 14.6 wt % MEA aqueous solution 

Quantity H2O MEA 

Mass /g 340.86 58.32 

Mol. weight /g/mol 18.02 61.08 

No. of moles 18.91 0.9548 

Mole. fraction 0.9519 0.0481 

Mass fraction 0.854 0.146 

 

2.2.3 Henry’s Law Constant Calculation 

 

This method does not require any calibration of detectors, because the Henry’s Law constant 

can be obtained by using the evaluation peak areas of the solute in function of time, see 

Equation(2.1). Zin et al. [39] explained in detail how to obtain this equation.  
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 
 

   (1.1) 

where D is the carrier gas flow rate (m3.s-1); N  is the total number of moles of solvent inside 

the dilutor cell; VG (m3) is the volume of the vapour phase inside the dilutor cell; Ai is the 

chromatograph solute i peak area; t (s) is the time; T (K) is the temperature inside the cell;  P  

is the pressure inside the cell (around atmospheric pressure); Psat
solv (Pa) is the saturation 

pressure of the solvent and R (J.mol-1.K-1) is the ideal gas constant. Infinite Dilution Activity 

Coefficient,i
, is calculated through Equation(2.2) : 
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     (1.2) 

Where Psat is the vapour pressure of solute i, it is calculated from using following equation with 

parameters in Table 2-10. 
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 
   

    (1.3) 

Table 2-10 solutes vapour pressures parameters [39] 

Parameters nBM iBM nPM iPM MM EM DMS CS2 

A 64.649 61.213 61.813 74.676 54.15 65.551 9.1366 59.1005 

B -6262 -5909 -5623 -5272 -4337.7 -5027.4 -2493.7 -4752.1 

C -6.1280 -5.6431 -5.7934 -8.1974 -4.8127 -6.6853 1.8254 -5.7824 

D 
6.84 x10-

18 

1.48x10-

17 

6.51 x10-

18 

3.42x10-

16 

4.5x10-

17 

6.32x10-

6 

1.48x10-

6 

6.36x10-

6 

E 6 2 6 6 6 2 2 2 

 

2.2.4 Results for different sulphur component in 14.6 wt% MEA 

 

Table 2-11 and Figure 2-7 presents Henry’s Law constant values as a function of inverse of 

temperature for different mercaptan species in 14.6% wt % MEA aqueous solution. The 

uncertainty of stripping method is estimated from propagation of errors on the uncertainty of 

the solute peak area determination, the uncertainties on the flow, the uncertainties related to the 

temperature and pressure, number of moles of solvent and accuracy of the approach, see 

Equation (2.4). Zin et al. [39] estimated u(H)/H to be about 15% which has been considered in 

this work. 
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Table 2-11 Henry’s Law Constant and infinity dilution coefficient for all the studied mercaptans in MEA 

aqueous solution, u(H)/H=15%, u(γ∞)/ γ∞=15% 

DMS EM 

T/K H/ MPa γ∞ T/K H/ MPa γ∞ 

298.2 6.0 73.6 298.2 0.78 11.1 

308.2 8.7 76.0 308.2 1.77 16.7 

318.2 12.8 81.3 318.2 2.73 19.2 

328.2 17.5 82.1 328.2 5.34 27.4 

338.2 22.8 80.0 338.2 11.0 42.2 

348.2 29.1 77.3 348.2 20.5 55.2 

MM iPM 

298.2 0.63 3.1 298.2 2.09 55.8 

308.2 1.02 3.7 308.2 3.94 73.9 

318.2 1.93 5.2 318.2 8.83 104.8 

328.2 3.05 6.2 328.2 13.2 128.0 

338.2 5.53 8.7 338.2 26.2 185.5 

348.2 9.50 11.7 348.2 49.3 256.5 

nBM iBM 

298.2 1.5 241.5 298.2 2.6 249.7 

308.2 3.3 324.7 308.2 4.8 294.8 

318.2 5.9 377.5 318.2 10.3 414.9 

328.2 12.9 544.9 328.2 19.7 534.6 

338.2 22.4 645.3 338.2 36.1 683.1 

348.2 41.5 838.3 348.2 71.1 958.6 

nPM    

300.3 1.42 58.3    

308.2 2.40 75.1    

318.2 4.59 97.4    

328.2 8.74 129.2    

338.2 15.83 167.6    

348.2 32.70 253.7    

From Figure 2-7 it can be seen that for all sulphur components studied in this work, the Henry’s 

law constant increases with the temperature and Henry’s law constant increases with the 

number of carbon on mercaptan. Which means the solubility of mercaptan in aqueous MEA 
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decrease with the temperature and the number of carbon, as higher Henry’s law constant means 

lower solubility in the solution. 

 

 

Figure 2-7 Logarithm of Henry’s Law Constant of different component in14.6% MEA weight fractions as 

a function of the inverse of temperature (Δ: MM, ▲: EM,  DMS, : nPM; : iPM, ●: nBM, ○: iBM). 

 

2.2.5 Results for CS2 in different solvents 

Table 2-12 presents the values of Henry’s law constants in pure water for CS2. 

Table 2-12 Henry’s Law Constant for CS2 in pure water, u(H)=15%, u(γ∞)=15% 

CS2 

T/K H/ MPa γ∞ 

298.2 54.1 1125 

308.2 116 1680 

318.2 214 2198 

328.2 319 2387 

338.2 500 2776 

348.2 722 3694 

 

Then we have tested the CS2 in 50 wt% MDEA aqueous solution. After introduction of CS2, 

Chemical reaction was observed as shown in Figure 2-8; the solution in dilutor became 
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immediately yellow instead of colourless. Moreover, we can see that the evolution of logarithm 

of concentration of CS2 in gas phase doesn’t follow a linear trend with time, see Appendix III. 

We have tested COS and CO2, which are known as reactive components with amine. Similar 

results are obtained, see Appendix III. As a conclusion, Henry’s Law Constant of CS2 in 

alkanolamine cannot be measured by using gas stripping method. 

 

 

Figure 2-8View of the dilutor cell after introducing CS2 
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Chapter 3 Thermodynamic model 

Equation Section (Next) 
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3 Thermodynamic model 

 

Introduction  

 

Accurate phase diagrams for Vapour-Liquid-Equilibrium, Liquid-Liquid-Equilibrium and 

Vapour-Liquid-Liquid-Equilibrium are useful for the design of amine plant for gas purification. 

Phase diagrams can be predicted by using thermodynamic models which are crucial for acid 

gas removal industry. In 1981, Deshmukh and Mather [6] developed the first rigorous 

thermodynamic model for acid gas removal with amine, and it is widely used in the industry 

for several decades. This model requires large number of parameters concerning different 

aspects including Henry’s law constants, reaction equilibrium constants, activity coefficient 

model for electrolytes and all of these models require quantity of adjustable parameters. This 

could be a limitation for the development of thermodynamic models for new amine due to the 

number of experiments required. The Cubic-Plus-Association Equation of State has been 

widely used in oil and gas industry, as it takes advantage of cubic EoS like SRK or PR and it 

can accurately predict the phase behavior for species forming hydrogen bonds, e.g. water and 

alkanolamines. However, it has never been applied for systems containing chemical reactions. 

Recently in 2010, an new interesting approach is proposed by Dowell et al. [40], it allows 

treating chemical reactions as physical association. Both Deshmukh-Mather model and CPA 

EoS with the new approach will be described in this chapter. 

 

Des diagrammes de phase précis pour l'équilibre vapeur-liquide, l'équilibre liquide-liquide et 

l'équilibre vapeur-liquide-liquide sont utiles pour la conception d'une usine d'amine pour la 

purification du gaz naturel. Les diagrammes de phase peuvent être prédits en utilisant des 

modèles thermodynamiques qui sont cruciaux pour l'industrie de l'élimination des gaz acides. 

En 1981, Deshmukh et Mather [6] ont développé le premier modèle thermodynamique 

rigoureux pour l'élimination des gaz acides à l'aide des amines, et ce modèle est largement 

utilisé dans l'industrie depuis plusieurs décennies. Ce modèle nécessite un grand nombre de 

paramètres concernant différents aspects incluant les constantes de loi de Henry, les constantes 

d'équilibre de réaction, le modèle de coefficient d'activité pour les électrolytes et tous ces 
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modèles nécessitent une quantité de paramètres ajustables. Cela pourrait constituer une 

limitation pour le développement de modèles thermodynamiques pour une nouvelle amine en 

raison du nombre d'expériences requises. L'équation d'état Cubic-Plus-Association a été 

largement utilisée dans l'industrie pétrole et gaz, car elle a des avantages des EoS cubique 

comme SRK ou PR et elle peut prédire avec précision les comportements des espèces formant 

des liaisons hydrogène, par exemple. l'eau et les alcanolamines. Cependant, il n'a jamais été 

appliqué pour des systèmes contenant des réactions chimiques. Récemment en 2010, une 

nouvelle approche intéressante est proposée par Dowell et al. [40], il permet de traiter les 

réactions chimiques comme une association physique. Les modèles Deshmukh-Mather et CPA 

EoS avec la nouvelle approche seront décrits dans ce chapitre. 
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3.1 Phase equilibrium calculation 

 

The Gibbs free energy G is the most useful function of state to study the properties and 

chemical equilibriums of a system of volume V constituted by N molecules at temperature T 

and pressure P, G is defined by Equation(3.1): 

 G U PV TS     (2.1) 

Where U is internal energy and S is the entropy  

Gibbs free energy is can be also expressed by the chemical potential:  

 
1

Nc

i i

i

G N 


   (2.2) 

Where μ
i
: the chemical potential of component i, Ni: the number of component i 

The total differential of this expression is: 
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The system is in equilibrium when the Gibbs free energy is the minimum; it is expressed by 

the Gibbs Duhem Equation (3.4): 
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For an isothermal and isobaric system, we obtain Equation (3.5) and (3.6) 
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Those equations lead to the equality of chemical potential in all phases (at constant T and P), 

it can be expressed by Equation (3.7): 
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 1 2 31 2 3( , , ) ( , , ) ( , , ) ( , , )nnphase phasephase phas phasephase phase phasee

i i i iT P z T P z T P z T P z       

 (2.7) 

Considering a mixture of gas, after integrating Equation (3.4) from a reference state at pressure 

P0 to another pressure P, for the constituent i, its chemical potential 𝜇𝑖(𝑇, 𝑃, 𝑧𝑝ℎ𝑎𝑠𝑒 𝑗) in phase 

j can be represented by Equation (3.8): 
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Where 𝜇𝑖
𝑟𝑒𝑓

 is the chemical potential of reference state for component i at T and P0 

 z is the composition of component i in phase j 

 f  is the fugacity 

 i  is the fugacity coefficient of component i 

Liquid-Liquid Equilibrium, Vapour-Liquid Equilibrium and Vapour-Liquid-Liquid 

Equilibrium are involved in this work, their phase equilibrium conditions can be generalized 

by Equations (3.10)(3.11)(3.12): 

      1 1 2 2           , , , , , ,n nphase phasephase phase phase phase

i i if T P z f T P z f T P z     (2.10) 

 1 2      nphasephase phaseT T T     (2.11) 

 1 2      nphasephase phaseP P P     (2.12) 
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3.1.1 Vapour Liquid Equilibrium 

3.1.1.1 Dissymmetric approach 

 

In this approach, the liquid phase is defined by the activity coefficient model. The vapour 

phase is represented by Equation of States. The VLE for the gamma-phi approach can be 

expressed by Equation (3.14), the left side of the equation is the fugacity of the vapour phase 

and the right side of the equation is the fugacity of the liquid phase: 

 V L

i if f   (2.13) 

 *ˆ V L

i i i i iy P x f    (2.14) 

 Where i is the activity coefficient of pure component i, it can be calculated by activity 

coefficient models such as NRTL [41] and UNIFAC [42]. 
*L

if  is the fugacity of pure 

component i calculated in conduction (T, P) by using following Equations: 

 lndg RT f   (2.15) 
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Where 
L

iv is the molar volume of pure component i at saturation temperature. 

However, in the case of infinite dilution, the state of gas molecules absorbed in liquid phase 

can only be consider as the same as solvent. Gas fugacity can be calculated with Henry’s law 

constant [43]: 
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Where the Henry constant ,i jH of solute i in solvent j is defined by: 
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Where i


is the infinite dilution activity coefficient of component i  

 

3.1.1.2 Symmetric approach 

 

The symmetric approach uses the same Equation of State for both vapour phase and liquid 

phase. The equilibrium is represented by Equation (3.19): 

 ( , , ) ( , , )liquid vapor

i i i i i iPx T P x Py T P y    (2.19) 

Where i is the fugacity coefficient. It is given by the Equation (3.20): 
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f T P z
T P z

Pz
    (2.20) 

The fugacity coefficient can be calculated by the residual Gibbs energy or the residual 

Helmholtz energy,:  
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  (2.21) 

Where Z is the compressibility having following expression: 

 
Pv

Z
RT

   (2.22) 

As most of Equation of State is explicitly expressed in function of volume, the fugacity 

coefficient is more conveniently by the residual Helmholtz energy. The residual Helmholtz 

energy can be determined by an Equation of State, its general expression is given by Equation 

(3.23): 
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VsA RT
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RT RT V


 
  

 
   (2.23) 

The van der Waals equation is an Equation of State which is based on the theory where fluids 

are composed of particles with certain volumes, and particles are influenced by an inter-particle 

attractive force. It is expressed by Equation (3.24) : 

https://en.wikipedia.org/wiki/Equation_of_state
https://en.wikipedia.org/wiki/Theory
https://en.wikipedia.org/wiki/Fluid
https://en.wikipedia.org/wiki/Force
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 P=
RT a

v b v



  (2.24) 

Where a is the attractive parameter 

b is the co-volume parameter 

v is the molar volume 

Peng-Robinson Equation of State [44] (PR EoS expressed by Equation(3.25)) and Soave-

Redlich-Kwong Equation of State [45] (SRK EoS expressed by Equation (3.26)) are modified 

version of Van der Waals EoS, they are widely applied in the industry.  

 ( )
P=

( ) ( )

RT a T

v b v v b b v b


   
  (2.25) 

 ( )
P=

( )

RT a T

v b v v b


 
  (2.26) 

For a component i, to calculate the attractive parameter ai(T) and co-volume parameter bi, both 

PR EoS and SRK EoS require critical temperature Tc,i, critical pressure Pc,i, and acentric factor 

 i.  

To calculate the attractive parameter ai(T) of component i, we can use following Equation: 

 

2 2

,

,

( ) ( )
c i

i a

c i

R T
a T T

P
   (2.27) 

With Ωa=0.457236 for PR EoS, Ωa=0.42748 for SRK EoS, these parameters are determined at 

critical point by using following Equations: 

 0
Tc

P

v

 
 

 
  (2.28) 

 
2
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P

v

 
 

 
  (2.29) 

( )T is the alpha function, it can be formulated by Equation (3.30): 
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  
   
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  (2.30) 

For PR EoS: if  i ≤0.491 i =0.37464+1.54226 i-0.26992 i
2; 

           if  i >0.491 i =0.379642+1.48503 i-0.164423 i
2+0.016666 i

3 

For SRK EoS: i =0.48508+1.551716 i-0.15613 i
2  

To calculate the co-volume parameter bi of component i, following Equation can be used: 

 
,

,

c i

i b

c i

RT
b

P
   (2.31) 

With Ωb=0.0777961 for PR EoS, Ωb=0.08664 for SRK EoS. These parameters are also defined 

at critical point. 

3.1.1.3 The mixing rules 

 

The equations of state for pure component can be applied to mixtures by considering the mutual 

influence between different compounds with mixing rules. The first form of mixing rules is that 

of Van der Waals referred to as the classical mixing rule; it gives the following expressions for 

the parameters of repulsion and attraction of mixture: The classical Van der Waals mixing rules 

have been employed in this work: 

 
i j ij

i j

a x x a   (2.32) 

 
i j ij

i j

b x x b   (2.33) 

Where ija and ijb  represent the interaction parameters corresponding to two different species (i 

≠j). These parameters are expressed as a function of the attraction and covolume parameters of 

the pure bodies i and j (denoted by ia  and ib ), Equations (3.34) and(3.35). 

 (1 )ij i j ija a a k    (2.34) 
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   
1

1
2

ij i j ijb b b l     (2.35) 

ijk and ijl are the Binary Interaction Parameters, they can be both adjusted from experimental 

data. Generally, we only adjust parameter ijk , as it takes into account different interactions 

between components. The parameter ijl is assumed to be zero. 

3.1.2 Vapour Liquid Liquid Equilibrium 

 

VLLE is a three phase equilibrium between two liquid phases L and L’ and a vapour phase V. 

The mixture is characterized by its initial composition zi, liquid phases composition xi and xi’, 

and the vapour phase composition yi. The material balance equations are given by Equation 

(3.36) and (3.37): 

 ' '

i i i iz x L x L yV     (2.36) 

 ' 1L L V     (2.37) 

With L, L’ and V the fraction of each phase.  

The phase equilibrium relations between the three phase is: 

      
' '

, , , , , ,L L L V

i i if T P x f T P z f T P y     (2.38) 

The fugacity of liquid phases can be obtained with an Equation of State or an activity coefficient 

model. The fugacity of vapour phase is determined by an Equation of State. 

The phase equilibrium conditions need to satisfy following constraints: 

 1i

i

x    (2.39) 

 '  1i

i

x    (2.40) 

 1i

i

y    (2.41) 



58 

 

This system is able to be resolved by using Newton-Raphson method [46]. And the 

compositions of each phase can be determined after each iteration. As the initialization of 

parameters is not always available, the tangent plan method developed by Michelsen [47] is 

used to analyze the phase stabilities and to have a reasonable initialization value of equilibrium 

constant Keq which is expressed by: 

 
i

eq

i

y
K

x
   (2.42) 

  

 

3.2 Thermodynamic models for acid gas removal 

Unlike the phase equilibrium presented in section 3.1, for acid gas treatment, the chemical 

reaction between CO2 / H2S - alkanolamine and the formation of electrolyte species should be 

considered. The thermodynamic models used to resolve this problem can be grouped into three 

categories. The first and the simplest are the empirical models. Thanks to their simplicities, they 

are quite popular for early phase studies. These models utilize simple mathematical correlations 

for phase equilibria and fitted chemical equilibrium constants [48]. The Kent–Eisenberg model 

[49] is an example of such a model. This kind of model is unsuitable for predicting the 

speciation and rigorous energy balances. More rigorous models can be divided into two 

categories: dissymmetric approach (excess Gibbs energy model) and symmetric approach 

(Helmholtz energy based models). For the dissymmetric approach, the Desmukh–Mather model 

[6] has been widely used. This model utilizes the extended Debye–Hückel expression to predict 

all the activity coefficients of electrolyte species for long distance interactions. And it uses 

empirical terms to represent short distance interactions. The electrolyte-NRTL model [50] and 

the electrolyte UNIQUAC model [51] which are more complex activity based models can also 

be used. For symmetric approach, Fürst and Renon [52] EoS is one of the most widely used. In 

this work, a new symmetric approach to consider the chemical reaction is developed and the 

model performance is compared with the widely used dissymmetric model (Desmukh–Mather 

model). 

3.2.1 The Deshmukh–Mather model 
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In 1981, Deshmukh and Mather [6] developed the first rigorous thermodynamic model for acid 

gas removal with amine. Thanks to its high computational efficiency, up to 106 times faster to 

evaluate phase equilibria than eNRTL model [53], the Deshmukh-Mather model has been 

widely used by acid gas removal industry. Weiland et al. [54] applied this model to represent 

CO2 and H2S solubility in aqueous MEA, DEA, DGA and MDEA solutions. Haji-Sulaiman and 

Aruoa [55] also utilized this model to represent the phase behavior of CO2 in aqueous DEA and 

AMP solutions. The solubility of CO2 in the mixtures of DEA and MDEA has been represented 

by using Deshmukh and Mather model in Benamor and Aroua’s work [56]. Dicko et al. [57] 

have measured the solubility of CO2, H2S and their mixtures in aqueous MDEA solution with 

methane at 7 MPa, they have modeled those systems with the Deshmukh-Mather model. As a 

continuity of Dicko et al.’s work, the Deshmukh-Mather model is chosen as a bench mark 

reference model to compare with the PR-CPA EoS which is presented in section 3.2.2. 

The Deshmukh-Mather model included chemical reaction, electrolyte activity model and phase 

equilibria, CO2-MDEA-water ternary system is taken as an example to introduce this model.  

3.2.1.1 Chemical reactions with MDEA 

The chemical equilibria for MDEA-water-CO2 systems can be governed by the four following 

reactions: 

 2H O OH H     (2.43) 

 2 2 3H O CO H HCO      (2.44) 

 2

3 3HCO H CO      (2.45) 

 MDEAH H MDEA     (2.46) 

For each reaction, a set of parameters from Dicko et al. [57] is available to calculate the 

equilibrium constant (see Table 3-1). 8 species are involved in the studied system: H2O, MDEA, 

CO2, OH−, H+, HCO3
−, CO3

2−, MDEAH+. The equilibrium constants defined in terms of 

molalities and activity coefficients are expressed as: 
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   (2.47) 
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m m
K

m

 



 

 

   (2.50) 

With : 

– Ki : Constant of equilibrium 

– mi : molalirity (mol/kg water) 

The expressions of the equilibrium constants commonly used are represented by Equation 

(3.51). Their values are presented in Table 3-1. 

 

 
2

( ) ( )i

A B
ln K Cln T D ET

T T
       (2.51) 

 

Table 3-1 Equilibrium constants for MDEA-CO2-water ternary system [57] 

Constant A*10-6/K2 B*10-3/K C D E*103/K−1 T/K  

K(H2O) 0 −13.445 −22.4773 140.932 0 273–498 
 

K(CO2) −4.710 68.359 188.444 −1203.01 −20.642 273–673 
 

K(HCO3
−) −3.730 −7.230 −30.6509 175.36 1.314 273–523 

 

K(MDEA) 0 −0.819 10.9756 −79.474 0 278–422 
 

 

 

The material balance due to the reactions are characterized by Equations (3.52)(3.53) and (3.54): 
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 2
3 3

0

2 : w w HCO CO OH
H O N N N N N        (2.52) 

 2
2 2 2 3 3

0 0

2 : CO CO MDEA CO HCO CO
CO N L N N N N       (2.53) 

 0: MDEA MDEA MDEA
MDEA N N N     (2.54) 

And also the electro-neutrality balance in the liquid phase: 

 2
3 3

2
MDEAH H HCO CO OH

N N N N N          (2.55) 

 

There are 8 equations for 8 species in the liquid phase. These equations are resolved by using 

Newton-Raphson numerical method [46]. 

3.2.1.2 Activity coefficients calculation 

 

Activity coefficients are calculated by the Deshmukh–Mather model, this equation associates a 

Debye-Hückel [58] expression for long-distance interactions and an empirical contribution for 

short interactions. The Debye-Hückel model allows a good description of the activity 

coefficients in the diluted solutions. This model has some assumptions and simplifications 

introduced are as follows: 

 The solvent is assimilated to a continuum without structure, it plays only a role to 

providing a medium of constant relative (dielectric constant) 

 The concept of ionic atmosphere is presented to estimate the average effect on the 

charge of a specific ion of the other ions in spherical symmetry 

 This mean effect is estimated by the introduction of an isolated ion in a medium 

described by a continuous Poisson-Boltzmann distribution [59] of the charge density 

Figure 1 illustrates this distribution of the anions and cations. The ionic atmosphere consists of 

a spherical cloud of ions located around a central ion. This arrangement of the opposing charges 

makes favourable local formation of ion / counter ion groups.  
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Figure 3-1 Distribution of anions and cations in the ionic atmosphere [60] 

It can be expressed by following Equation (3.56): 
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
   (2.56) 

 

Where Zi is the number of charge of ion i , r is the ionic radius, mj is the molarity of species j in 

mol/kg water. I is the ionic force, it is given by Equation(3.57). A and B are expressed by 

Equation (3.58) and (3.59): 

 20.5 j i
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I m Z    (2.57) 
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Where F is a constant. Ds is the dielectric constant of water is calculated with Maryott and 

Smith formula (1951) [61], valid from 273 to 373 K: 
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  (2.60) 

The second term of Equation (2.56) represents the short distance interactions between the 

different molecular or ionic species. This term is empirical. The interaction parameters βij 

exclude the pairs (i, j) of the same sign. The βij are obtained with a regression of experimental 

data. According to Dicko et al.[57], only limited pairs of βij are needed to be fitted from 

experimental data, they are shown in Table 3-2.The adjusted values are presented in the Chapter 

5.  

 

Table 3-3 Adjustable parameters for CO2-MDEA-water ternary systems. 

Couple βij/kg-H2O/kmol 

MDEAH+–CO2 fitted 

MDEAH+–HCO3
− fitted 

MDEA–HCO3
− fitted 

MDEA–CO3
2− fitted 

MDEA–MDEA fitted 

 

3.2.1.3 Vapour Liquid Equilibria 

Experimental results show that the composition of MDEA in the vapour phase is very low (less 

than 10-4 in molar composition. Therefore in this work we assumed` that MDEA is not present 

in the vapour phase while calculate VLE. So the VLE for CO2-MDEA-water are calculated by 

equalizing fugacity values of liquid phase and vapour phase: 
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The fugacity coefficients are calculated by PR-CPA EoS which wiil be presented in next section, 

see Equation (3.65). H is the Henry’s law constant; P0
H2O is the saturation pressure at reference 

state. Both of them can be also expressed by Equation (3.63). Their parameters are shown in 

Table 3-4. 

 
2

( ( )) ( )vap

A B
ln H P Cln T D ET

T T
       (2.63) 

 

 

Table 3-4 Parameters for calculating Henry’s law constant of solute and saturation pressure of solvent [57] 

 A/K B C D/K−1 E/K−2 T/K 

H(CO2) −9624.41 −28.7488 192.876 0.01441 0 273–473 

Pvap(H2O) −7206.7 −7.1385 72.55 0 0.000004046 273–650 

.gg 

 

3.2.2 The Cubic Plus Association EoS 

Due to their simplicity, accuracy and computational efficiency, classical Cubic EoS are widely 

used in the industry. However, they are not adapted to acid gas removal, because they cannot 

take into account the association between molecules neither the chemical reaction taken in place 

between acid gases and amines. In the beginning of 1980s, Wertheim [62] has developed a 

model for associating molecules. This model is used in the Statistical Associating Fluid Theory 

EoS [63], it considers perturbation theory and hard sphere model as reference. In 1996, 

Kontogeorgis et al. [64] has proposed to combine Wertheim’s model with adapted radical 

distribution function and SRK EoS. This model is called Cubic Plus Association EoS (CPA 

EoS), expressed by Equation (3.64). 

 
CPA Cubic AssociationA A A

RT RT RT
    (2.64) 
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The cubic term can be SRK EoS or PR EoS. We presented in section 3.1.1.2, there is no 

significant difference between these two EoS. As a continuity of previous work [65], the PR-

CPA has been applied in this work, expressed by Equation (3.65). While the PR EoS accounts 

for the physical interaction contribution between the species, the association term takes into 

account the specific site-site interaction due to hydrogen bonding. Therefore it is suited to 

describe studied systems where water and alkanolamines molecules form hydrogen bonds 

between them and themselves (self and cross associations). Moreover, Dowell et al. [40] have 

successfully developed a simplified approach which allows treating chemical reactions with the 

Wertheim term. In this approach, the chemical reactions between alkanolamine and CO2 have 

been treated as pseudo-cross association between them. 

  
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Where v is the molar volume, b is the molar co volume parameter, a(T) the temperature 

dependent energy parameter of the equation of state, ρ the molar density (ρ=1/ v), gr the radial 

distribution function, and XAi the fraction of sites A on molecule i (hence the subscript Ai) that 

do not form bonds with other hydrogen bonding sites. XAi is dependent on the association 

strength ΔAiBj between it and sights belonging to other molecules of the same or different 

component, like for example sight B on molecule j named Bj. XAi is given as 
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  (2.66) 

XBj is the fraction of sites B on molecule j that don’t form hydrogen bonds. The association 

strength ΔAiBj is dependent on the radial distribution function gr, the association energy εAiBj, and 

the association volume βAiBj between sights Ai and Bj. The relation is given by equation: 
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  (2.67) 

The equation used to find the radial distribution function is: 
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PR Wertheim term 
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Where  is the reduced fluid density given as: 

 
1

4
b    (2.69) 

Where the co-volume parameter b is assumed to be temperature independent. 

 

3.2.2.1 Pure component 

For pure component, the molecules involved in acid gas removal can be divided into two 

categories:  

 Non self association components: alkanes, acid gas, aromatics and mercaptans 

 Association components : water, alkanolamine 

3.2.2.1.1 Non self associating component 

For non self associating component such as alkanes, acid gas, mercaptans and aromatics, the 

PR-CPA EoS is reduced to PR EoS, their pure component parameters (a0, b, c1) can be 

calculated with critical properties and the acentric factor. For pure substance i, parameters can 

be obtained by using following Equations: 

 0.07780 c
i

c

RT
b

P
   (2.70) 

Where bi is the molar co volume parameter of the PR-CPA EoS  

In Equation (2.65), ai is defined as: 
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Where a0,i and c1,i are parameters of the equation of state for substance i.  
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 2

1, 0.37464 1.54226 0.26992ic       (2.73) 

Pure component parameters for alkanes, acid gas, mercaptans and aromatics are summarized in 

Table 3-5 

 

Table 3-5 Pure component parameters for non self associating components [66] 

Compound 
a0 (bar L2 mol-

2) 
b (L/mol) c1 Tc /K Pc /MPa ω 

Methane 0.250 2.680 0.392 190.560 0.546 0.0012 

Ethane 0.605 4.054 0.525 305.320 4.872 0.0995 

propane 1.018 5.631 0.603 369.820 4.248 0.1523 

n-butane 1.506 7.248 0.672 425.150 3.794 0.1996 

i-butane 1.445 7.249 0.650 407.840 3.639 0.1844 

n-pentane 2.069 9.015 0.745 469.700 3.370 0.2515 

n-hexane 2.689 10.847 0.814 507.530 3.028 0.3004 

CO2 0.397 2.661 0.701 304.210 7.384 0.2236 

H2S 0.492 2.957 0.517 373.530 8.960 0.0942 

MM 0.966 4.209 0.600 469.870 7.212 0.1501 

EM 1.427 5.856 0.660 498.800 5.509 0.1918 

Benzene 2.039 7.426 0.687 562.000 4.895 0.2100 

Ethylbenzene 3.334 11.056 0.818 617.120 3.610 0.2100 

Toluene 2.684 9.280 0.764 591.890 4.126 0.2644 
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3.2.2.1.2 Hydrogen bonding 

For associating components (water and alkanolamines), the nomenclature of Huang and Radosz 

[67] is used to represent the association scheme, see Figure 3-2.  

 

Figure 3-2 Association schemes for associating components [67] 

4C is most suitable association scheme for water [68]. However, due to presence of 

multifunctional groups on alkanolamine, the choice of association scheme is more difficult. 

MEA contains one alcohol functional group and one amine functional group, both of them can 

be best represented by using 2B association scheme, so the 4C association scheme is a natural 

choice [69],[70].  

For DEA 4C association scheme is chosen ie. the two hydroxyl groups are taken into account 

while the amine group is ignore. Though more advanced association scheme for DEA, such as 

called 6A and 4D association schemes, have been studied by Avlund et al. [69],[70]. In 6A 

association scheme, the hydroxyl group and the amine group are each assigned two identical 

sites. And in 4D association scheme, the hydroxyl group and the amine group have different 

association parameters. The performances of using 4C, 6A and 4D association schemes are 

identical for describing the pure component thermodynamic proprieties of DEA and DEA-water 

binary phase behavior.  
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The molecular structure MDEA is similar to the one DEA, so we have decided to use 4C 

association scheme for MDEA as well, furthermore the association parameters of MDEA is 

assumed as the same as the one of DEA [69],[70]. 

5 parameters (a0, b, c1, ε
AiBj and βAiBj) are required to represent thermodynamic properties of 

water, MDEA, DEA, and MEA; their parameters were regressed by minimizing objective 

expressed by Equation (3.74):  

       
,

1 1   

   
vap cal expn ncal exp

liq liqsat sat
obj pure i iexp exp

i isat liq

P P
f

P

  

 

   
       

   
    (2.74) 

Where 𝑛𝑣𝑎𝑝 and 𝑛𝜌 are the number of vapour pressure, and liquid density. 𝑃 𝑠𝑎𝑡 is the vapour 

pressure. 𝜌 𝑙𝑖𝑞 is the liquid density. 𝑃 𝑠𝑎𝑡
𝑒𝑥𝑝

 and 𝜌 𝑙𝑖𝑞
𝑒𝑥𝑝

 values were generated by using DIPPR 

correlations from Thermo Data Engine [66]. Pure component parameters are presented in Table 

3-6.  

Table 3-6. PR CPA parameters for compounds for association compounds considered in this work [66] 

Compound scheme 
a0 b 

c1 
εAiBj 

βAiBj 
Tc 

Range of Tr ARD%a 
/bar L2 mol-2 /L mol-1 /bar.L.mol-1 /K 

        
For 

Psat 

For 

ρL 
Psat ρL 

MEA 4C 1.333 5.467 0.763 168.23 0.0142 647.51 
0.42-

0.92 

0.43-

0.61 
1.8 0.6 

DEA 4C 3.065 9.246 1.02 201.76 0.0083 671.4 
0.45-

0.88 

0.41-

0.48 
0.3 1.3 

MDEA 4C 3.339 11.346 0.695 201.76 0.0083 768 
0.39-

0.9 

0.38-

0.63 
0.9 2 

water 4C 0.123 1.445 0.674 170.48 0.0698 741.6 
0.43-

0.95 

0.43-

0.95 
1 1.6 

 

a ARD% = 1/np× Σ|1 − χi
calc/χi

exp| × 100%. 

3.2.2.2 Mixtures 

For mixtures, the classical van der Waals mixing rules as explained in 3.1.1.3 have been chosen 

in this work. From Equation (2.67) it can be seen that it is necessary to calculate the association 
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energy and volume parameters to calculate the association strength. Combining rules are 

involved in case of mixture.  

3.2.2.2.1 Combining rules for alkanolamine and water 

Alkanolamine and water are both self-associating compounds, the CR-1 combining rule has 

been chosen among various combining rules in this work. In CR-1 combining rule, the 

arithmetic mean of the cross-association energy is proportional to the enthalpy of hydrogen 

bonding while the geometric mean of the cross-association volume is related to the cross-

entropy of the hydrogen bonding, see Equation (3.75) and (3.76): 

 

 
2

ji

i j

BA
A B  




   (2.75) 

 i j ji
A B BA     (2.76) 

 

3.2.2.2.2 Solvation effect 

Due to the C=O, -SH, or -SH functional group on acid gas, mercaptans or aromatics, they could 

form hydrogen bonding with water or alkanolamine, but they do not cross associate with 

themselves. Solvation effect between water and acid gas, mercaptans or aromatics have been 

considered in this work.  

 

Figure 3-3 Solvation between water carbon dioxide [71] 
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The modified CR-1 (mCR-1) combining rule is employed to treat the solvation effect in this 

work, According to this combining rule the cross-association volume 
i jA B

 is fitted from 

experimental data and the cross-association energy is equal to the value of the associating 

component divided by two: 

 
2

i j

associating
A B 

    (2.77) 

 ( )i jA B cross fitted    (2.78) 

3.2.2.3 The new approach to treat Chemical reactions 

 

Conventional configurations for alkanolamine and acid gas are not suitable to represent the 

chemical reaction between acid gas and alkanolamines. Nevertheless, Dowell et al. [40] have 

successfully represented the phase behaviour of CO2-water-MEA ternary systems by using 

statistical correlation liquid theory for potentials Variable Range (SAFT-VR) without strong 

consideration of electrolytes species. They proposed that chemical reactions can be treated as 

associating physical interactions. Association sites that allow the pseudo-chemical reaction of 

CO2 and MEA are introduced in the new SAFT models. This approach has been successfully 

applied to predict CO2 solubility in MEA, MDEA, DEA, AMP, DEtA as multifunctional 

alkanolamine [40] [72], and some n-alkyl amines [73] with their SAFT family EoS. Recently, 

they applied this approach in process simulation and optimization for CO2 capture by MEA 

[74]. In their approach is employed to treat the chemical reactions in this work. However the 

solvation between CO2 and water has been neglected. But according to Tsivintzelis et al.[75], 

the solvation effect between CO2 and water is important to be considered to represent CO2 - 

water binary system. The solvation effect between CO2 and water on CO2–alkanolamine-water 

is investigated in this work. Moreover, this work concern also keeping a homogenous 

thermodynamic model for systems containing H2S, which has not been investigated with this 

approach yet. Therefore, new conception of association schemes for acid gas and alkanolamines 

are developed and investigated in this work, see Figure 3-4. 
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Figure 3-4 association schemes developed in this research 

Figure 3-4.a is the association scheme for CO2, the e site is assigned as a solvation site which 

allows the cross association between CO2 and water, α1 and α2 are dedicated reaction sites which 

only react (cross-associate) with the electron site on alkanolamine. Depending on the nature of 

alkanolamine, 1 α site can be activated for MDEA, and 2 activated for MEA. 

Figure 3-4.b is the association scheme for H2S, the two e sites are given as solvation sites which 

allows the cross association between H2S and water, α1 and α2 are dedicated reaction sites which 

are only react (cross-associate) with the electron site on alkanolamine. Depending on the nature 

of alkanolamine, the 1 α site is activated for MDEA, and 2 activated for MEA. 

Figure 3-4.c is the symmetric model of alkanolamine, which is presented in previous section. 

There are four sites in total including: two e sites and two H sites representing different 

functional groups. In this symmetric model, there is no distinction between e and H sites, i.e. 

the association behaviour of the different functional groups are identical.  

Figure 3-4.d is the asymmetric model of alkanolamine, one e* site is added based on the 

symmetric model of alkanolamine. In this asymmetric model, the α sites on acid gas react only 

with the e* site.  

The products after reactions have been considered to be inert. As an example, the reaction 

between MEA and CO2 can be represented by Figure 3-5. Reaction products can be determined 

from a statistical analysis of the molecules not-bonded at given sites, by using Equation (3.79) 

and (3.80). 
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Figure 3-5 Reaction mechanism between CO2 and MEA (asymmetric model) 

 1, 2 2, 2

2[ ][( ) ( )]] [ 1  1CO CO

COMEACOO x X X       (2.79) 

 1 1, 2 2, 2

3 2[ ]] [ ][ 1CO CO

COHCO x X X       (2.80) 

Where 2COx is the molar concentration of CO2, which is related to the concentration of 

alkanolamine and loading ratio. 
, 2i COX 

is the mole fraction of CO2 not bonded at αi site. 

For alkanolamine and acid gas, their cross-association volume 
i jA B

 and i jA B
  the cross-

association energy are fitted from experimental data, expressed by: 

 ( )i jA B cross fitted    (2.81) 

 ( )i jA B cross fitted    (2.82) 

kij is also considered as an adjustable parameter, the influence of kij and its temperature 

dependency is studied in this work. cross ,
cross  ,and kij are fitted at the same time only from 

acid gas-alkanolamine-water VLE experimental data. 
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Equation Section (Next) 

 

 

 

 

 

 

 

 

Chapter 4 Modelling of non-reactive 

systems 
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4 Modelling of non-reactive systems 

 

Introduction 

 

In this chapter, solubility of non-reactive components including: alkanes (methane, ethane, 

propane, n-butane, i-butane, n-propane and hexane), aromatics (benzene, toluene, and 

ethylbenzene), and mercaptans (MM, EM) in different aqueous alkanolamine solutions (MEA, 

DEA, and MDEA) are modelled with PR-CPA EoS. Alkanolamine-water binary systems are 

represented with PR-CPA EoS by fitting a temperature independent kij. Alkanes, aromatics and 

mercaptans solubility in pure water will be individually studied by considering the presence of 

solvation effect, if it exists. Then, the solubility of non-reactive components are described by 

PR-CPA EoS by fitting BIPs (kij and cross association parameters) between the solute and 

alkanolamine from ternary experimental data. The PR-CPA EoS is then validated by comparing 

different thermodynamic properties predicted data with experimental ones which are not used 

in parameter fitting. We can cite properties such as single component solubility, alkane mixture 

solubility, vapour phase composition, temperature minimum of solubility, apparent Henry’s 

law constant, etc. 

Dans ce chapitre, la solubilité des composants non réactifs incluant: les alcanes (méthane, 

éthane, propane, n-butane, i-butane, n-propane et hexane), les composés aromatiques (benzène, 

toluène et éthylbenzène) et les mercaptans (MM, EM) dans différentes solutions aqueuses 

d'alcanolamine (MEA, DEA et MDEA) sont modélisés avec PR-CPA EoS. Les systèmes 

binaires alcanolamine-eau sont représentés avec PR-CPA EoS en ajustant un kij. indépendant 

de la température. La solubilité des alcanes, des aromatiques et des mercaptans dans l'eau pure 

sera étudiée individuellement en considérant la présence de l'effet de solvatation, s'il existe. 

Ensuite, la solubilité des composants non réactifs est décrite par PR-CPA EoS en ajustant les 

BIP (kij et cross association paramètres) entre le soluté et l'alcanolamine à partir de données 

expérimentales ternaires. Le PR-CPA est ensuite validée en comparant différentes propriétés 

prédites thermodynamiques avec des données expérimentales qui ne sont pas utilisées dans 

l'ajustement des paramètres. Nous pouvons citer des propriétés telles que la solubilité d'un seul 

composant, la solubilité du mélange d'alcane, la composition de la phase vapeur, la température 

minimum de solubilité, la constante de loi de Henry apparente, etc. 
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4.1 Alkanolamine-water Binary systems 

Alkanolamine-water binary systems have been studied with CPA EoS by Avlund et al. [69] 

[70]. According to their successful results, a constant value of kij is considered to represent 

alkanolamine-water binary systems. For each alkanolamine-water binary system, we have 

adjusted the corresponding kij and a Flash type objective function (Equation (4.1)) has been 

chosen. 

  exp exp

1 1 1 1

1

100
n

cal cal

i i

f x x y y


       (3.1) 

Where x1 is the composition of alkanolamine in the liquid phase, y1 is the composition of 

alkanolamine in the vapour phase. 

Table 4-1 summarizes the adjusted kij and the references used in PR-CPA EoS for the VLE data 

treatment of alkanolamine-water systems. For MDEA-water and DEA-water binary systems, 

as usually, in the vapour phase, the concentration of alkanolamine is very low (order of 

magnitude of the amine mole fraction around 10-6), only compositions of liquid phase are used 

to estimate kij. For MEA-water binary system, both compositions of liquid and vapour phases 

have been taken into account. From Figure 4-1 and Figure 4-2, it can be seen that PR-CPA EoS 

with temperature independent kij is able to accurately represent phase behaviour of 

alkanolamine-water systems. 

Table 4-1. Average Absolute Deviation (AAD) for liquid and vapour composition between PR-CPA EoS 

adjusted data and experimental ones of water with MEA, DEA or MDEA binary system and kij  values. 

 T /K AADa x1×100 AADa y1×100 kij referencesb 

MDEA-water 313-450 1.20 0.005 -0.190 [76], [77], [78], [79] 

DEA-water 311-473 2.14 - -0.114 [80], [81] 

MEA-water 283-373 1.74 0.23 -0.142 [76], [82], [83] 

a AAD = 1/NP× Σ| χi
calc-χi

exp|; b isotherm and isobar VLE data  
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a  

Figure 4-1. Comparison between experimental data (symbols) and adjusted ones using PR-CPA EoS (solid 

lines) for MEA-water binary system; (×) =333 K:Lenard et al. [32], (□)=343 K:Kim et al. [26], (△)=353 

K :[26], (○)= 363 K:Tochigi et al. [33], (◇)=373 K [26]. 
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Figure 4-2. Comparison between experimental data (Kim et al. [26], symbols) and adjusted ones using PR-

CPA EoS (solid lines) for MDEA-water binary system; (×)=313 K, (△)=333 K, (○)= 353 K, (◇)=373 K. 

 

4.2 Alkane-water-alkanolamine ternary systems 

To the best of our knowledge, alkane solubility in alkanolamine solution experimental data is 

only available in the form of alkane-water-alkanolamine ternary systems. Therefore, 3 BIPs 

listed in Table 4-2  are required to represent each alkane-water-alkanolamine ternary systems.  

Table 4-2 List of BIPs required representing alkane-water-alkanolamine ternary systems. 

 Alkanolamine Water Alkane 

Alkanolamine NA Section 4.1 This sectiona 

Water  NA This sectionb 

Alkane   NA 

a: Fitted from alkane-water-alkanolamine ternary systems data 

b: Fitted from alkane-water binary systems data 

 

4.2.1 Alkane-water binary systems 

As explained by Hajiw [84], we also consider a second order polynomial equation with 

temperature (Equation (4.2)) for the BIP to well describe the minimum solubility of alkane in 

aqueous solution.  

.  

 2

ijk a bT cT     (3.2) 

a ,b ,c were estimated by fitting from alkane solubility data, using a Flash type objective 

function ( Equation (4.3)). 

 
exp

1 1
( , ) exp

1 1

100
caln

obj hydrocarbon water

i
i

x x
f

x




 
    

 
   (3.3) 

Where x1 is the solubility of hydrocarbon in water. 
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Table 4-3 summarizes the adjusted kij and the references used for the VLE data treatment of 

alkane-water binary systems. The ARD on alkane solubility in water is less than 12 %. 

Satisfactory results are obtained with our model compared to the ARD (less than 30%) obtained 

by Oliveira et al. [85] . We suspect that the reason of such deviation is due to their choice of 

using non temperature dependent kij. 

Table 4-3 Comparison between alkane solubility data water with the calculated ones obtained with PR –

CPA EoS and a,b and c parameters values 

 T /K ARD% x1 a b×103 /K-1 c×106 /K-2 References 

methane-water 274-623 6 -1.597 8.398 -8.290 [86,87] 

ethane-water 259-444 7 -1.517 8.198 -9.236 [88,89] 

propane-water 247-422 9 --1.114 6.256 -7.370 [90,91] 

n-butane-water 273-423 7 -0.751 4.074 -4.467 [92,93] 

i-butane-water 278-363 10 0.198 -2.152 5.205 [94] 

n-pentane-watera 273-477 12 -0.704 3.932 -4.749 [94–96] 

n-hexane-watera 273-425 12 -1.026 5.438 -6.565 [95,97] 

a LLE data were also considered 

4.2.2 Alkane solubility in aqueous alkanolamine solution 

Previously, we have shown that using regressed kij for alkanolamine-water and alkane-water 

binary systems give satisfactory results. To the best of our knowledge, there is no experimental 

VLE data concerning alkane-alkanolamine binary systems (only one set of data of Methane-

MDEA binary system is available in the open literature [98]). Consequently, kij of alkane-

alkanolamine have been fitted using experimental alkane solubility in aqueous alkanolamine 

solutions. 

Both temperature independent and dependent kij (Equation(3.2)) have been fitted from 

experimental data by using the same objective function (Equation(3.3)) for treating alkane-

water binary systems. In this case x1 is alkane solubility in aqueous alkanolamine solutions. 

Results are summarized in Table 4-4. It can be seen that, the model with a temperature 

independent kij is able to describe the solubility of alkanes in different aqueous alkanolamine 

solutions with acceptable ARD (less than 31%). Such deviation can be explained by the choice 

of using non temperature dependent kij 

Moreover, the model with a temperature dependent kij is generally able to well describe different 

alkane solubilities in different aqueous alkanolamine solutions in all range of alkanolamine 

concentration with ARD less than 10% (except 17% for hexane in aqueous MDEA). In fact, 
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hexane-aqueous MDEA system has been treated by using two sets of experimental data 

(Mourakoui et al. [99] and Alheseinat et al.[100]), the ARD% are 8.8% and 32.8%, respectively. 

Since Alheseinat et al.[100] mentioned that the uncertainty of their experimental data is more 

than 30%, we consider that this set of data is suspicious. In this work, temperature dependent 

kij has been chosen. 

Figure 4-3 shows graphically the comparison between PR-CPA EoS and experimental data 

from Jou et al.[21] for propane solubility in 35 wt % aqueous MDEA solution. The ARD is 5.0% 

for all sets of experimental data at VLE and LLE conditions. The VLLE interface is correctly 

represented. Figure 4-4 represents propane solubility in aqueous DEA solution in function of 

DEA concentration , PR-CPA EoS is in good agreement with experimental data.  
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Table 4-4 Comparison between experimental data of alkane solubility in aqueous alkanolamine solutions and the adjusted ones obtained with PR-CPA EoS 

      T independent kij T dependent kij  

alkanes alkanolamines data type alkanolamine wt % T /K P /MPa kij ARD% a b×103 /K-1 c×105 /K-2 ARD% references 

Methane 

DEA VLE 5-40 310-394 0.1-20 0.441 6.0 -3.334 21.802 -3.119 4.4 [101] 

MDEA VLE 35-50 298-423 1-20 0.693 10.5 -0.626 8.506 -1.383 8.4 [98,102,103] 

MEA VLE 5-40 298-394 0.1-13 0.276 8.4 -6.520 41.059 -6.130 6.5 [101,104] 

Ethane 

DEA VLE,VLLE 5-40 283-403 0.1-13 0.305 5.1 -0.544 5.269 -0.810 5.1 [99,105] 

MDEA VLE 25-50 283-398 0.1-13 0.327 11.2 2.181 -9.183 1.065 6 [102] 

MEA VLE 5-40 298-398 0.1-12.6 0.194 7.2 -4.193 26.400 -3.935 5.1 [104,105] 

Propane 

DEA VLE, VLLE 0-65 298-348 0.1-1.3 0.210 6.6 3.099 -18.490 2.948 5.3 [99,106] 

MDEA VLE, LLE 25-50 273-423 0.1-19.6 0.351 21.5 0.738 -1.493 0.072 5 [106,107] 

MEA LLE 0-100 313 1.72 0.113 11 0.113   11 [106] 

Butane 
DEA VLLE 35 310-333 0.1-1.3 0.190 8.5 -1.982 12.957 -1.921 5.0 [108] 

MDEA VLE, LLE 25-50 298-423 0.1-21 0.288 31 0.868 -2.349 0.161 6.2 [93,108] 

i-butane 
DEA VLLE 35 310-333 0.1-1.3 0.124 4.5 -0.516 4.665 -0.837 0.3 [99] 

MDEA VLLE 25-50 298-343 0.4-1.1 0.253 11.3 3.618 26.182 -4.422 8.6 [99] 

pentane 
DEA VLLE 35 298-333 0.5 0.132 4.0 1.926 -11.678 1.897 1.3 [99] 

MDEA VLLE 25-50 298-343 0.5 0.228 7.0 3.545 23.914 -3.789 6.3 [99] 

hexane 
DEA VLLE 35 298-353 0.5 0.354 16.6 1.651 -8.393 1.087 7.4 [99] 

MDEA VLLE 25-62 298-353 0.5 0.195 23.8 0.805 -2.476 0.155 17 [99,100] 
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Figure 4-3. (b. is the zoom of a.) Comparison between experimental data from Jou et al. [21] for propane solubility in 35 wt % aqueous MDEA solution and adjusted 

data using PR-CPA EoS (solid lines). (×) =273 K, (□)=298 K, (△)=313 K (○)=323 K, (*)=348 K, (■)=398 K, (▲)=398 K, (●)=423 K, dashed line: VLLE interface. 
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Figure 4-4 Propane solubility in function of DEA concentration (up to 65 wt %) at 313K, 1.724 MPa, 

symbol :experimental data from Jou et al.[54], solid line: calculated data using PR-CPA EoS 

4.2.3 Temperature of minimum solubility of methane  

Using our model for methane-water binary system at 5 MPa, we have predicted a 

temperature of minimum of solubility equals to 407 K. As shown in Figure 4-5, we have 

predicted the methane solubility as function of temperature (273-405 K) for 3 different 

aqueous MDEA solutions (25, 35 and 50 wt %) at 7.5 MPa (Since the solubility of methane 

do not have the same order of magnitude, their values are normalized). We observed that 

for each aqueous MDEA solution, it exists a temperature of minimum methane solubility. 

After, we also predict the temperature of minimum of solubility of methane in 3 MDEA 

aqueous solutions (25, 35 and 50 wt %) and pure water at 3 different pressures 5, 7.5 and 

10 MPa, the result is summarized in Table 4-5. In fact, the temperature of methane 

minimum solubility is influenced by two factors: the concentration of alkanolamine and 

the pressure.  
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Figure 4-5 PR-CPA EoS prediction on the ratio of methane solubility and the minimum solubility at 

75 bar. dotted line=25 wt % MDEA, dashed line=35 wt % MDEA, solid line=50 wt % MDEA 

 

Table 4-5. Methane minimum solubility temperature in aqueous MDEA solution and in pure water 

predicted by PR-CPA EoS.  

P /MPa T /K 

5 407 340 317 286 

7.5 402 335 312 280 

10 395 330 306 277 

wt % MDEA 0 25 35 50 

 

 

As shown in Figure 4-6, the temperature of the minimum solubility decreases as the MDEA 

weight percent increases. It could be explained by the fact that the hydrogen bound between 

water is destroyed by introducing MDEA molecules. Less energy is needed to absorb the 
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same quantity of methane in a higher MDEA concentration solution. As seen in Figure 4-7, 

the temperature of methane minimum solubility decreases while the pressure increases. In 

fact, higher pressure makes methane more soluble. Consequently, lower temperature is 

required. The same approach can be applied to all alkanes. 

 

 

Figure 4-6 PR-CPA EoS prediction of the temperature of minimum solubility of methane as function 

of MDEA concentration at different pressure, symbols: PR-CPA EoS prediction, (×) =5 MPa, (□)=7.5 

MPa, (○)=10 MPa, lines :linear correlation 
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Figure 4-7. PR-CPA EoS prediction of the temperature of minimum solubility of methane as function 

of pressure in different aqueous MDEA solutions symbols: PR-CPA EoS prediction (□) =50 wt % 

MDEA, (×)=35 wt % MDEA, (○)=25 wt % MDEA and (△)=pure water, lines: linear correlation 

 

4.2.4  Vapour phase prediction 

 

The ability of the model to predict water content was also evaluated. As seen in Figure 4-8, 

at VLE condition, predicted water contents are in good agreement with the only 

experimental data found in the literature and measured by Carroll et al. [107] in 1992. The 

ARDs are less than 20%. However, the model fails to predict water content in LLE 

condition. After comparison with experimental data of Carroll et al. [107]. The ARDs are 

less than 124%. The biggest deviations are observed at low temperatures. It is not 

surprising that EoS fails to predict both VLE and LLE without modifying the mixing rules. 

We suggest as an alternative solution, to modify the expression of the co-volume b, by 

introducing a binary interaction parameter lij.  
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Figure 4-8 Comparison between experimental data from Caroll et al. [107] for water content in 

propane rich phase of propane-MDEA(35 wt %)-water ternary system and predicted data using PR-

CPA EoS (solid lines). (◆) =273K, (■)=298K, (▲)=323K, (×)=348K, (*)=373K, (●)=398K, (+)=423K 

MDEA content has been also measured by Carroll et al. [107], the content of MDEA 

corresponds to few ppm at low temperature. MDEA content is poorly predicted by our 

model. MDEA content is predicted 10-100 times lower than experimental data at LLE 

conditions. The only agreement between model and experimental data is at temperature 

above 373 K and pressure under 5MPa. Mokraoui et al. [99] did not manage to reproduce 

same work as Carroll et al. [107], for pentane solubility in aqueous MDEA solutions, the 

concentration of MDEA is less than 10 ppm in the liquid alkane rich phase. We conclude 

that more MDEA content data is needed for model validation. 

We have also evaluated the model performance to predict the water content of this ternary 

system without kij for propane-water and propane-MDEA, the ARD on water content is 21% 

in VLE region. The water content value of propane-water-MDEA ternary system should 

be much closed to the one of propane-water binary system, as the concentration of MDEA 

is very low. Therefore, we have predicted the water content without BIP for propane-water 
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binary system, the ARD is 8.0% compared with the experimental data obtained by 

Kobayashi et al. [90] and Blanco et al. [109]. We conclude that the MDEA content data 

from Carroll et al. [107] are suspicious. 

4.2.5 Alkane solubility prediction at VLLE conditions 

 

The experimental VLLE data of ethane-MDEA-water, propane-MDEA-water, and n-

butane-MDEA-water ternary systems have been used for model validation; they are 

compared with those predicted with PR-CPA EoS, see  

 

 

Figure 4-9, Figure 4-10 and Figure 4-11. For ethane-MDEA-water ternary system, the 

overall ARD for ethane solubility is less than 6% in MDEA with three concentrations (0, 

25  and 50 wt %). The largest ARDs (14 %) are observed for ethane solubility in pure water. 

For propane-MDEA-water ternary system, the ARD for all concentrations of MDEA are 

less than 2 %. For n-butane-MDEA-water ternary system, PR-CPA EoS can accurately 

predict n-butane solubility in pure water, 25 wt % MDEA, 35 wt % MDEA and 50 wt % 

MDEA. The ARDs are less than 8 %.  
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Moreover, the slope of each curve represents the enthalpy of absorption of solute i (ΔHi
abs) 

given by Equation (4.4) 

 
1

abs

i i

P

lnx H

R

T

 
  

  
 
 

  (3.4) 

The absorption is endothermic, if the sign of the slope is negative, otherwise exothermic. 

For propane and n-butane, the absorption is always endothermic because once need energy 

to destroy the hydrogen bound between water–water, water-MDEA and MDEA-MDEA 

once alkanes molecules are introduced. However, for ethane, it seems that we have a 

particular behaviour since there is no tendency of the enthalpy of absorption (exothermic, 

athermic and endothermic for 0, 25 and 50 wt % MDEA respectively).  

 

 

Figure 4-9. Comparison between experimental data from Mokraoui et al. [17] for solubility of ethane 

in aqueous MDEA solution and predicted data using PR-CPA EoS (solid lines). (△) =Pure water, 

(×)=25 wt % MDEA, (□)=50 wt % MDEA. 

-7.5

-7.3

-7.1

-6.9

-6.7

-6.5

-6.3

-6.1

-5.9

-5.7

-5.5

0.0032 0.00325 0.0033 0.00335 0.0034 0.00345 0.0035 0.00355 0.0036

ln
(x

et
h

an
e)

Inverse of T /K-1



91 

 

 

Figure 4-10. Comparison between experimental data from Mokraoui et al. [17] for solubility of 

propane in aqueous MDEA solution and predicted data using PR-CPA EoS (solid lines). (△) =Pure 

water, (×)=25 wt % MDEA, (□)=50 wt % MDEA. 
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Figure 4-11. Comparison between experimental data from Mokraoui et al. [17], Jou et al. [44] for 

solubility of nbutane in aqueous MDEA solution and predicted data using PR-CPA EoS (solid lines). 

(△) =Pure water [17], (×) =25 wt % MDEA [17], (○)=35 wt % MDEA [44], (□)=50 wt % MDEA [17],. 

4.2.6 Multi-component alkanes solubilities prediction in aqueous amine 

solutions 

As another model validation test, we have used our model to predict multi-component 

alkanes solubilities in alkanolamine solutions. Few experimental data for hydrocarbon 

mixtures solubility in aqueous alkanolamine solutions are available. Mokraoui et al. [4] 

measured the solubility of two mixtures (MIX1 and MIX2, Table 4-6) in 35 wt % DEA, 

25 and 50 wt % MDEA, within temperature range from 298 to 333K and pressure range 

from 0.6 to 4 MPa. The reported data concern VLE and VLLE conditions. 

Table 4-6 Hydrocarbon mixture composition from Mokraoui et al. [99] 

Alkanes 
Mole Composition 

MIX1 MIX2 

C2 0.5 0.02 

C3 0.3 0.5 

n-C4 0.1 0.23 

i-C4 0.02 0.1 

C5 0.05 0.1 

C6 0.03 0.05 

 

As for non-associative molecules, the PR-CPA EoS is reduced to PR EoS, the BIP between 

alkanes is characterized by using constant kij taken from the work of Gao et al. [110]. 

From PR- CPA EoS prediction of hydrocarbon mixture solubility in aqueous alkanolamine 

solutions (Table 4-7), once can notice that the model has good predictability for the main 

compounds, i.e. ethane and propane for MIX1 and propane for MIX2. The ARDs are less 

than 30% for ethane and propane. Meanwhile, for C4 to C6, ARDs are much higher. 
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Table 4-7 PR- CPA EoS prediction of hydrocarbon mixture solubility in aqueous alkanolamine 

solutions 

 T /K P /MPa 
ARD % 

C2 C3 

MIX1 

50 wt% MDEA 298-333 0.6-4.2 22 13 

25 wt% MDEA 298-333 0.7-4.0 16 11 

35 wt% DEA 298-333 0.6-4.3 29 17 

MIX2 

50 wt% MDEA 298-333 0.5-1.3 - 30 

25 wt% MDEA 298-333 0.5-1.3 - 19 

35 wt% DEA 298-333 0.5-1.4 - 9 
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4.3 Aromatic-water-alkanolamine ternary systems 

Aromatic solubility experimental data is only available in the form of aromatic-water-

alkanolamine ternary systems. The only available alkanolamine-aromatic binary systems 

experimental data is the one for MEA-Benzene binary system [111]. Therefore, modelling 

of aromatic solubility in alkanolamine solution is treated using the same way for alkane 

solubility in alkanolamine solutions. 3 BIPs listed in Table 4-8  are required to represent 

each aromatic-water-alkanolamine ternary systems.  

Table 4-8 List of BIPs required representing alkane-water-alkanolamine ternary systems. 

 Alkanolamine Water aromatic 

Alkanolamine NA Section 4.1 
This sectiona 

 

Water  NA 
This sectionb 

 

aromatic   NA 

a: Fitted from aromatic-water-alkanolamine ternary systems data 

b: Fitted from aromatic-water binary systems data 

 

4.3.1 Aromatics-water binary systems 

 

Aromatics are considered as not self-associating, but they are able to cross associate with 

water. 2B solvation scheme has been chosen for all aromatics. In this case, three BIPs are 

involved: cross association volume βAiBj and cross association energy εAiBj and kij . As we 

explained in section 3.2.2.2.2, the m-CR1 combining rules are applied. εAiBj is equals to the 

half of εAH2OBH2O
, however, kij and βAiBj are considered as adjustable parameters. The 

corresponding objective function is expressed as:  
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1 1 1 1
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Where x1 is aromatic solubility in water, y1 is water content in the aromatic rich phase. 

Again  as alkane-water binary systems, Oliveira et al [85] proposed to use temperature 

independent binary interaction parameter kij to describe aromatic solubility in liquid water 

rich phase and water in liquid aromatic rich phase. However, with a constant kij, the 

minimum of aromatic solubility in water was failed. Hajiw et al. [65] studied aromatic 

solubility in pure water by using GC-PR-CPA EoS, they showed that a temperature 

dependent kij is needed to well describe the minimum solubility of aromatics in aqueous 

solution. This kij is the same as the one used for alkane-water binary systems, and expressed 

by Equation(3.2). In the open literature, mutual solubilities of aromatics and water in a 

broad range of temperature from 270 to 470 K at LLE condition. Few VLE experimental 

data is available with temperature > 550 K, which is far out of the acid gas treatment 

operation condition. Therefore, only LLE data are involved in parameter adjustment. The 

optimized parameters are summarized in Table 4-9.  

Table 4-9 comparison between experimental data on aromatic solubility in water and adjusted data 

with PR-CPA EoS, β and a,b,c parameters values 

Binary  ARD% βAwaterBaromatic  kij  Reference 

  xaromatic xwater  a b×103 /K-1 C×106 /K-2  

benzene-water 10 13 0.043 -0.369 2.092 -2.321 [112] [113] 

ethylbenzene-water 3.1 4.7 0.062 -0.493 2.437 -2.773 [114,115] 

toluene-water  19.1 18.1 0.015 -0.516 2.524 -3.026 [113,116] 

 

Figure 4-12 shows the results of benzene solubility in the aqueous phase at LLE conditions, 

all data have been presented on the same figure whatever the pressure is. It can be seen that 

the solubility of benzene is well described by PR-CPA EoS in a wide range of temperature 

from 279 to 455 K. The temperature of minimum solubility is accurately represented by 

the model at 279 K. However, at high temperature (>400 K), the deviation is becoming 

larger and larger. The water content in the benzene rich phase is also well represented by 

PR-CPA EoS as shown in Figure 4-13. As for the solubility of benzene in water, the model 

has better performance at lower temperature (<400 K). It can be explained by the fact that 

the quantity of experimental data involved in parameter fitting is less available at high 

temperature than at low temperature.  
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Figure 4-12 Comparison between experimental data (symbols) and adjusted ones using PR-CPA EoS 

(solid lines) for benzene solubility in water; (□): Jou et al. [113], (△) : Valtz et al.  
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Figure 4-13 Comparison between experimental data (symbol) and adjusted ones using PR-CPA EoS 

(solid lines) for water solubility in benzene rich phase; (□): Jou et al. [113] 

4.3.2 Aromatic solubility in aqueous alkanolamine solution 

Previously, we have shown that regressed kij for alkanolamine-water and aromatic-water 

systems give satisfactory results. To represent phase behavior of aromatic-water-

alkanolamine systems, kij and cross association volume βAalkanolamineBaromatic between 

aromatic and alkanolamine has been fitted from experimental aromatic solubility data in 

aqueous alkanolamine solutions. The corresponding objective function is the same as the 

one used for alkane-water-alkanolamine ternary systems, it is expressed by Equation (3.3). 

In this case, x1 is aromatic solubility in aqueous alkanolamine solutions. 

As aromatic-water binary systems, a kij of second order polynomial expression function of 

temperature for aromatic-alkanolamine is chosen for aromatic-alkanolamine binary 

systems (Equation(3.2)). Valtz et al.[112] have represented aromatic solubility data in 

different alkanolamine solutions at different pressures where the pressure was adjusted by 

methane. In their study, they have considered that aromatic solubility is not affected by 

dissolved methane in the liquid phase. However, Coquelet et al.[114], Valtz et al. [116] 

and Valtz et al.[117] have recalculated the real aromatic solubility data by taking into 

account the influence of methane. Consequently, these new aromatic solubility data are 

used in this work. Table 4-10 summarizes adjusted kij and model deviations. The PR-CPA 

EoS is able to describe with ARD<13%. 

Figure 4-14 shows that PR-CPA EoS is able to predict benzene solubility in a wide range 

of temperature (298-398K). It is important to highlight that benzene solubility is calculated 

with the same parameters for all the three aqueous solutions (pure water, 25 and 50 wt% 

MDEA).  
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Figure 4-14 Solubility of benzene in aqueous MDEA solution at VLLE condition. Experimental data: 

Valtz et al.[117]. (△) Pure water; (×) 25 wt % MDEA; (□) 50 wt % MDEA. Solid lines: PR-CPA model 

prediction 
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Table 4-10 comparison experimental data of aromatic solubility in aqueous alkanolamine solutions with PR-CPA EoS 

     kij    

amine aromatic amine wt % T/K P /MPa a b×103/K-1 c×106 /K-2 ARD% βAamineBaromatic Reference 

MEA toluene 14.6 298-353 0.509-0.516 -0.389 3.789 -8.000 2 0.0507 [116] 

DEA toluene 35 298-353 0.5.9-0.533 -0.3878 3.550 -6.657 1 0.0628 [116] 

MDEA 

benzene 25/50 298-393 0.016-0.5.00 -0.071 2.113 -6.246 12 0.0269 [117] 

toluene 25/50 298-393 0.007-0.5.00 0.507 -1.700 0.900 11 0.0087 [116] 

ethylbenzene 50 333 0.5000 0.069 0.069   0.0530 [114] 
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4.4 Mercaptan-water-alkanolamine-methane quaternary systems 

To the best of our knowledge, mercaptan solubility in alkanolamine solution experimental data 

is only available in the literature in the form of mercaptan-water-alkanolamine-methane 

quaternary systems. Therefore, 6 BIPs listed in Table 4-11 are required to represent each 

mercaptan-water-alkanolamine-methane quaternary systems.  

Table 4-11 List of BIPs required representing mercaptan-water-alkanolamine-methane quaternary systems. 

 Mercaptan Alkanolamine Water Methane 

Mercaptan NA this sectiona this sectionb this sectionc 

Alkanolamine  NA Section 4.1 Section 4.2 

Water   NA Section 4.2 

Methane    NA 

a: Fitted from mercaptan-water-alkanolamine-methane quaternary systems data 

b: Fitted from mercaptan-water binary systems data 

c: Fitted from mercaptan-methane binary systems data 

All the BIPs concerning mercaptans with other components are adjusted from experimental 

data. The objective function used in this study is given by Equation (3.3). Where x1 is the 

composition of mercaptans in the aqueous phase. 

4.4.1 Mercaptan-methane binary systems 

There is no solvation effect between methane and mercaptans, kij for methane-MM and 

methane-EM binary systems are adjusted from experimental data of Awan et al. [118]. 

Temperature independent kij are considered for these two systems, the value of kij and ARD are 

reported in Table 4-12.  

Table 4-12: BIPs values and ARD of liquid (x) composition between PR-CPA EoS adjusted data and 

experimental ones obtained for methane (1) with MM or EM binary system.  

 T /K ARD x1 kij reference 

methane-EM 272-313 3.2 0.0933 [118] 

methane-MM 243-363 1.2 0.0898 [118] 

The phase diagram of methane-EM binary system at 272 K is shown in Figure 4-15, it can be 

seen that the composition of EM calculated by the model is in good agreement with 

experimental data. Figure 4-16 shows the phase diagram of methane-MM binary system at 304 
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K, we can observe that MM liquid and vapour compositions are well described by PR-CPA 

EoS.  

 

Figure 4-15 Phase diagram (P-x-y) of methane-EM binary system at 272K, symbol: experimental data [118], 

Lines: adjusted data obtained with PR-CPA EoS. 

 

Figure 4-16 Phase diagram (P,x,y)of methane-MM binary system at 304K, symbol: experimental data [118], 

Lines: adjusted data obtained with PR-CPA EoS. 
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4.4.2 Mercaptan-water binary systems 

Awan et al. [119] showed that it is better to consider the solvation effect between mercaptan 

and water. In this study, cross association energy between mercaptan and water is equal to the 

half of the value of water. We have adjusted the cross association volume and kij from 

experimental data. The results are shown in Table 4-13. Figure 4-17 shows the phase diagram 

of water-MM binary system at 470 K, the solubility of MM in water is well described by PR-

CPA EoS, however, the composition of MM in the vapour phase at high pressure seems to be 

overestimated. Regarding the shape of the phase diagram, we may suspect a LLE at higher 

pressure. That may explain the overestimation of our model as parameters are adjusted from 

VLE data. 

Table 4-13 : BIPs values and ARD of liquid (x) composition between PR-CPA EoS adjusted data and 

experimental ones obtained for water (1) with MM or EM binary system. 

  T /K ARD x1 BIP βAiBj εAiBj 

/bar.L.mol-1 

reference 

water-EM 310-588 2.3 0.02726 0.0627 83.275 [118,120] 

water-MM 310-588 9 0.000365 0.0124 83.275 [120] 

 

Figure 4-17 Phase diagram (P,x,y)of water-MM binary system at 470K, symbol: experimental data from 

Awan et al. [118], Lines: adjusted data obtained with PR-CPA EoS. 
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4.4.3 Mercaptan solubility in aqueous alkanolamine solution with pressure adjusted by 

methane 

To the best of our knowledge, there are no available experimental data for mercaptan-

alkanolamine binary systems, meaning that BIPs are not available also. Nevertheless, we fitted 

these parameters from experimental data of mercaptan–water-alkanolamine ternary systems. 

Because of the data is only available at two temperatures 313 and 343 K, it is difficult to 

consider the temperature dependence of kij. Therefore, a temperature independent kij has been 

chosen. On the other hand, solvation effect may exist between mercaptans and alkanolamines, 

however, due to the limited quantity of experimental data, it is more consistent to fit a single 

parameter kij instead of two parameters kij and βAiBj at the same time. Moreover, compared with 

the quantity of water, the quantity of alkanolamine is minority, for example, for 25 wt% MDEA 

aqueous solution, the molar composition of MDEA is 0.048 against 0.952 on water. Therefore, 

we neglected the solvation effect between alkanolamines and mercaptans. The adjusted kij and 

ARD are shown in Table 4-14.  

Table 4-14  kij values and ARD of liquid (x) composition between PR-CPA EoS adjusted data and 

experimental ones obtained for MM or EM with water-alkanolamine systems. 

 T /K ARD x1 Amine concentration (wt%) kij reference 

Water-MDEA-EM-methane 313 and 343 9 50 -0.0553 [121] 

Water-MDEA-MM- methane 314 and 343 18 50 -0.047 [121] 

Water-DEA-EM- methane 313 and 343 15 35 -0.075 [121] 

Water-DEA-MM- methane 314 and 343 14 35 -0.098 [121] 

From Figure 4-18 and Figure 4-19, we can see that EM or MM solubilities calculated by PR-

CPA EoS are in good agreement with experimental data. Moreover, it is interesting to notice 

that methane solubilities and EM or MM vapour composition are also well described, the 

respective ARD are 5% and 15%. 
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Figure 4-18 Comparison between experimental data from Jou et al. [121] and ones obtained with PR-CPA 

EoS for EM-water –MDEA system (50 wt% MDEA): a. EM solubility, b. Methane solubility and c. EM 

composition in vapour phase. 

  

a) c) 

b) 
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Figure 4-19 Comparison between experimental data from Jou et al. [121] and ones obtained with PR-CPA 

EoS for MM-water –MDEA system (50 wt% MDEA): a. MM solubility, b. Methane solubility and c. MM 

composition in vapour phase. 

  

a) 
c) 

b) 
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4.4.4 Model validation: comparison with our new experimental results 

Apparent Henry’s law constant of mercaptans in aqueous amine solutions is crucial for the 

choice of absorption solution, since it is directly linked to the solubility of mercaptan. The 

relation between apparent Henry’s law constant (Hi), solubility (liquid composition xi), pressure 

(P) and vapour phase composition (yi) is given by Equation (4.6) : 

 ( , , , ) i
i i i

i

Py
H T P x y

x
   (3.6) 

The experimental results obtained for EM-MDEA-water-methane and MM-MDEA-water-

methane are shown in Chapter 2 We have predicted apparent Henry’s law constant with PR-

CPA EoS. For EM-MDEA-water-methane systems, as shown in Figure 4-20, the apparent 

Henry’s constant in function of pressure, temperature and EM initial composition has been 

successfully predicted. When the temperature increase, EM is less soluble in the aqueous 

MDEA solution, because desorption is more appreciated at higher temperature. It is interesting 

to notice that, for every condition, EM becomes less soluble while pressure increases. Similar 

results have been found for MM-MDEA-water-methane, shown in Figure 4-21. We have also 

compared bubble point of EM and MM in 25 wt% MDEA, the ARD are 22% and 18% 

respectively. 
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Figure 4-20 Henry’s law constant in function of pressure for EM in aqueous MDEA solution. Symbols: 

experimental data this work (×) = 2000 ppm EM, (●) = 1000 ppm EM, Solid lines: model prediction for 

systems with 1000 ppm EM, dotted lines model prediction for systems with 2000 ppm EM. 

 

Figure 4-21 Henry’s law constant in function of pressure for MM in aqueous MDEA solution. Symbols: 

experimental data obtained with 1 000 ppm of MM as initial composition in this work (×) = 333 K , (□) = 

365 K  . Dotted lines model prediction 
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Conclusion 

 

Solubility of non-reactive components including: alkanes (methane, ethane, propane, n-butane, 

i-butane, n-propane and hexane), aromatics (benzene, toluene, and ethylbenzene), and 

mercaptans (MM, EM) in different aqueous alkanolamine solutions (MEA, DEA, and MDEA) 

will have been successfully represented by PR-CPA EoS within ARD of 18%, see following 

figure: 

 

Figure 4-22 Deviations of hydrocarbon and mercaptan solubility in aqueous alkanolamine solution. 

C1=methane, C2=ethane, C3=propane, C4=butane, C5=pentane, C6=hexane, B=benzene, T=toluene, 

MM=methyl mercaptan, EM=ethyl mercaptan  

Alkane mixture solubility, vapour phase composition, temperature minimum of solubility, and 

Henry’s law constant for multicomponent systems have been accurately predicted by PR-CPA. 
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Chapter 5 Modelling of reactive systems 

Equation Section (Next) 
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5 Modelling of reactive systems 

Introduction 

 

We have introduced the simplified approach with PR-CPA EoS to treat the chemical reactions 

between acid gases and alkanolamine in chapter 3. In this Chapter, firstly, we will choose the 

best configuration for representing the solubility of acid gas solubility in aqueous MDEA and 

MEA solution. CO2-MDEA-water ternary system is assigned to be the example system to 

investigate the choice of association scheme (symmetric or asymmetric) for MDEA, the 

influence of kij between CO2-MDEA, and the influence of solvation effects between water-CO2. 

For model validation, different thermodynamic properties such as VLE, liquid phase speciation, 

enthalpy of absorption, and vapour phase composition will be predicted by PR-CPA EoS and 

compared with experimental data. Moreover PR-CPA EoS performance will be compared to 

Deshmukh–Mather model. The PR-CPA EoS will be applied on H2S-MDEA-H2O, CO2-MEA-

H2O, and H2S-MEA-H2O ternary systems. And different multicomponent systems such as CO2-

H2S-H2O-CH4, CO2-H2S-MEA-H2O, CO2-H2S-MDEA-H2O, CO2-MDEA-H2O-CH4 CO2-

MDEA-H2O-CH4-EM systems will be predicted by PR-CPA EoS and compared to 

experimental data to validate the model.   

Nous avons introduit l'approche simplifiée avec PR-CPA EoS pour traiter les réactions 

chimiques entre les gaz acides et l'alcanolamine dans le chapitre 3. Dans ce chapitre, nous allons 

d'abord choisir la meilleure configuration pour représenter la solubilité des gaz acides dans les 

solutions aqueuses de MDEA et MEA. Le système ternaire CO2-MDEA-eau est assigné comme 

système d'exemple pour étudier le choix du schéma d'association (symétrique ou asymétrique) 

pour MDEA, l'influence de kij entre CO2-MDEA et l'influence des effets de solvatation entre 

l'eau et le CO2. Pour la validation du modèle, différentes propriétés thermodynamiques telles 

que la VLE, la spéciation en phase liquide, l'enthalpie d'absorption et la composition en phase 

vapeur seront prédites par PR-CPA EoS et comparées aux données expérimentales. De plus, les 

performances de PR-CPA EoS seront comparées au modèle Deshmukh-Mather. Le PR-CPA 

sera appliqué sur les systèmes ternaires H2S-MDEA-H2O, CO2-MEA-H2O, and H2S-MEA-H2O. 

Et différents systèmes multicomposants tels que les systèmes CO2-H2S-H2O-CH4, CO2-H2S-

MEA-H2O, CO2-H2S-MDEA-H2O, CO2-MDEA-H2O-CH4 CO2-MDEA-H2O-CH4-EM seront 

prédits par PR-CPA EoS et comparé aux données expérimentales pour valider le modèle. 
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.Modeling of CO2-MDEA-water ternary system 

5.1.1 CO2-water Binary system 

 

Before investigating the solubility of CO2 in aqueous alkanolamine solution, the solubility of 

CO2 in pure water is studied by using PR-CPA EoS. Rodriguez et al.[122] have neglected the 

solvation effects between CO2 and water with SAFT-VR EoS when they treat CO2 solubility in 

different alkanolamine solutions. However, according to Tsivintzelis et al.[75], the solvation 

effect between CO2 and water is important to be considered to represent CO2 - water binary 

systems. To understand the influence of solvation effect, BIPs has been fitted both with and 

without solvation: 

 Without solvation: As the same case of alkane solubility in water, we also consider a 

second order polynomial equation with temperature (Eq .5.1) for the kij to describe the 

solubility of CO2 in water.  

 With solvation: kij is still adjustable, two cross association parameters (εAiBj and βAiBj ) 

are involved. According to mCR-1 combining rule, the value of εAiBj is assumed as non 

adjustable; it takes the value from experimental data [75]. βAiBj is a adjustable parameter. 

All parameters were estimated by fitting CO2 solubility data and using a Flash type objective 

function expressed by following equation: 
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i 1
i

exp
100

calx x
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x

 
  
 
 


   (4.1) 

Table 5-1 summarizes the adjusted parameters and ARD for the VLE data treatment of CO2-

water binary systems. Both with and without solvation between CO2 and water can well 

represent CO2-water binary systems. Figure 5-1 shows graphically the comparison between 

model adjustment and experimental data from Valtz et al. [123]. 
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Table 5-1 BIP values and ARD of liquid (x) compositions between PR-CPA EoS adjustment and 

experimental data for CO2-water binary system. 

   kij   

 T /K ARD xCO2 a b×103 /K-1 c×106 /K-2 βAiBj reference 

CO2-water Without 

solvation 
278-479 6.2 -0.768 4.1492 -5.1396 NA 

[123–

125] 

CO2-water With solvation 278-479 5.4 0.0052 0.397 NA 0.0136 

 

 

 

Figure 5-1 Comparison of experimental CO2 solubility in water and adjusted values by PR-CPA EoS, solid 

line: without solvation, dotted lines: with solvation. symbol: experimental data from Valtz et al. [123] ; 

(○)=298 K , (□)=308 K (*)=318 K,  
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5.1.2 The choice of model parameters for CO2-MDEA-water ternary system 

 

In order to have the best model performance to represent acid gas solubility in alkanolamine 

solution, different model configurations including the association scheme of MDEA, the 

influence of kij between CO2-MDEA and the solvation effect between CO2-water will be 

discussed in this section. All BIP used in parameter fitting are summarized in Table 5-2. The 

experimental data used in this section is the ones used by Rodriguez et al.[122]. 

Table 5-2 PR-CPA binary parameters for CO2-MDEA-water ternary system  

Binary kij
a βAiBj εAiBj /bar.L.mol-1 

 a b×103 /K-1 c×106 /K-2   

water-MDEA -0.190   NA NA 

CO2-water(with solvation) 0.0052 0.397  0.0136 86.3 

CO2-water(without solvation) -0.768 4.1492 -5.1396 NA NA 

CO2-MDEA symmetric * * * * * 

CO2-MDEA asymmetric * * * * * 

a: 𝑘𝑖𝑗 = 𝑎 + 𝑏 ∙ 𝑇 + 𝑐 ∙ 𝑇2  

*: Parameters to be estimated 

The objective function is used and given by following equation.  
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Where P is the total pressure of CO2-MDEA-H2O ternary systems. 
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5.1.2.1 The association scheme of MDEA 

 

In this study we used two different approaches (explained in chapter 3) to represent MDEA. 

There are two adjustable parameters βAiBj 
and ε

AiBj to represent the “cross association” between 

CO2 and MDEA, the kij between CO2-MDEA is set to zero for both approaches. The results are 

shown in Table 5-3. In this step, the solvation effect between water-CO2 has not been considered 

for either approach, i.e. the physical e site on CO2 is not active. 

Table 5-3 Comparison of symmetric and asymmetric approach for CO2-MDEA binary system with PR-CPA EoS. 

 T /K wt % MDEA ARD % βAiBj εAiBj /bar.L.mol-1 

CO2-MDEA symmetric 313-413 19 and 32 49 0.01256 205.85 

CO2-MDEA Asymmetric 313-413 19 and 32 32 0.00695 356.51 

 

Figure 5-2 shows the comparison of experimental CO2 solubility in MDEA-water solution with 

32% MDEA and adjusted ones with two different approaches. It can be noticed that the 

symmetric approach fails to represent the total pressure of CO2-MDEA-water systems. 

Nevertheless, the same systems can be correctly represented by using the asymmetric approach. 

At lower temperature the model fits well the tendency of experimental data, but at higher 

temperature, the deviation is larger. The same behavior has also been found by Dowell et al. 

[40], where they compared the symmetric approach with asymmetric approach for MEA at 313 

K. Therefore, the asymmetric approach is chosen for the following studies. 
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Figure 5-2 Comparison of total pressure of CO2-MDEA-water ternary system with 32 wt% MDEA and 

adjusted values obtained with PR-CPA EoS. Solid lines: with asymmetric approach, Dotted Lines: with 

symmetric approach. Symbols: experimental data from Kuranov et al. [126]. (◆)=313 K, (▲)=333 K, 

(■)=373 K,( ●)=393 K，(×)=413 K 
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5.1.2.2  kij between CO2-MDEA 

 

In previous section, we demonstrated that the asymmetric association scheme for MDEA is 

significantly better than the symmetric one. However, there are still large deviations especially 

at higher temperatures. According to Rodriguez et al.[122], kij between CO2 and MDEA could 

be also an adjustable parameter to represent the physical interaction between CO2 and MDEA. 

However, for MDEA-CO2 binary system, we consider the kij between MDEA-CO2 is adjustable 

in this section. Therefore, we have 5 parameters to adjust: a, b, c, βAiBj 
 and ε

AiBj. The ARD and 

optimized parameter are summarized in Table 5-4 . The solvation effect between CO2 and water 

is still not considered. 

Table 5-4 Influence of kij on the asymmetric approach 

   kij   

 T /K ARD % a b×103 /K-1 c×106 /K-2 βAiBj 
εAiBj 

/bar.L.mol-1 

CO2-MDEA With kij=0 313-413 32 0 0 0 
0.00695 356.51 

CO2-MDEA With 

temperature dependent kij 
313-413 14 6.94 40.9 6.46 0.00493 326.52 

 

Figure 5-3 shows the influence of kij between CO2-MDEA on total pressure of CO2-MDEA-

water systems. Using a temperature dependent kij gives a significant improvement at higher 

temperature. The ARD is 14 % for a temperature range of 313-413 K, and MDEA concentration 

between 19 and 32 wt %. As a consequence, temperature dependent kij is considered for 

subsequent studies. 
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Figure 5-3 Comparison of total pressure of CO2-MDEA-water ternary system with 32 wt% MDEA and 

adjusted values obtained with PR-CPA EoS. Solid lines: with kij=0, Dotted Lines: with adjusted kij. Symbols: 

experimental data from Kuranov et al. [126]. (◆)=313 K, (▲)=333 K, (■)=373 K, (●)=393 K，(×)=413 K 

  

0.01

0.1

1

10

0 0.2 0.4 0.6 0.8 1 1.2

P
 /

M
P

a

CO2 loading ratio



118 

 

 

5.1.2.3 The solvation effect between CO2-water 

 

After comparison in previous section, we consider that the asymmetric approach with a 

temperature dependent kij gives best accuracy to represent CO2-MDEA-water ternary systems. 

In this section, we investigate the influence of solvation effect between CO2-water on CO2-

MDEA-water ternary system. The comparison of ARD and adjusted values are summarized in 

Table 5-5  

Table 5-5 Influence of kij on the asymmetric approach 

 T /K ARD % kij βAiBj 
εAiBj 

/bar.L.mol-1 

 
  

a b×103 /K-1 c×106 /K-2   

CO2-MDEA (with CO2-

water solvation) 
313-413 11 6.51 -40.4 68.7 0.00486 340.97 

CO2-MDEA (without CO2-

water solvation) 
313-413 14 6.94 40.9 6.46 0.00493 326.52 

 

Figure 5-4 and Figure 5-5 shows the influence of solvation effect between CO2-water on CO2-

MDEA-water ternary systems for 32 and 19 wt % MDEA respectively. For 32 wt % MDEA, 

both approaches can well represent the experimental data. The difference is very small; the two 

curves are nearly superposed. However, for 19 wt % MDEA, the one with CO2-water solvation 

gives much better results, especially at lower temperature. The solvation between CO2- water 

should be taken into account to treat CO2 – MDEA-water ternary system. 
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Figure 5-4 Comparison of total pressure of CO2-MDEA-water ternary system with 32 wt% MDEA and 

adjusted values obtained with PR-CPA EoS. Solid lines: with CO2-water solvation, Dotted Lines: without 

CO2-water solvation. Symbols: experimental data from Kuranov et al. [126]. (◆)=313 K, (▲)=333 K, 

(■)=373 K, (●)=393 K，(×)=413 K 
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Figure 5-5 Comparison of total pressure of CO2-MDEA-water ternary system with 19 wt% MDEA and 

adjusted values obtained with PR-CPA EoS. Solid lines: with CO2-water solvation, Dotted Lines: without 

CO2-water solvation. Symbols: experimental data from Kuranov et al. [126]. (◆)=313 K, (▲)=333 K, 

(■)=373 K, (●)=393 K，(×)=413 K 

5.1.3 Model prediction 

5.1.3.1 CO2 solubility 

Experimental data with 25 wt % MDEA [127] is used to validate the model prediction. These 

data are at a temperature range of 298K-348K, as we showed in 4.1.2.3, the solvation effect 

between CO2-water is more accurate at lower temperature in 19 wt % MDEA. In this section, 

we predict with and without CO2-water solvation effect; the results are shown in Figure 5-6. It 

can be seen that, the total pressure is correctly predicted by our model with or without CO2-

water solvation. Without CO2-water solvation effect, the deviation is larger when CO2 loading 

ratio is lower (<0.6), the ARD% is 30. However, with solvation effect, the model prediction is 

more accurate in all range of CO2 loading ratio and temperature, the ARD is 12%. 

 

Figure 5-6 Prediction of total pressure of CO2-MDEA-water ternary system with 25 wt% MDEA with PR-

CPA EoS. Solid lines: with CO2-water solvation, Dotted Lines: without CO2-water solvation. Symbols: 

experimental data from Sidi-Boumedine et al. [127]. (◆)=298 K, (▲)=313 K, (■)=348 K 
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5.1.3.2 Liquid phase speciation 

Another important aspect in the model validation is the description of the degree of speciation 

of the system. The main products of reactions in the model are the MDEAH+ and HCO−
3, the 

concentration of these products can be deduced from the ratio of unbounded α sites on the 

CO2, see following equations: 

   1, 2

2[ ][( 1  ) ]CO

COMDEA x X     (4.3) 

  1 1, 2

3 2[ ][ ]CO

COHCO x X     (4.4) 

Where xCO2 is the model concentration of CO2 in the liquid phase 

The analysis of the degree of speciation for CO2-MDEA-H2O at 313 K is presented in Figure 

5-7. PR-CPA EoS provides very good predictions of the composition in MDEA and 

bicarbonate at different temperatures. 

 

Figure 5-7 Prediction of liquid phase electrolytes speciation of CO2-MDEA-water ternary system with 30 

wt % MDEA at 313K. Solid line: MDEA, dotted line: HCO3
-1 symbol: experimental data from Jakobsen et 

al. [128]: (△)=HCO3
-1, (○)=MDEA 
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5.1.3.3 Enthalpy of absorption 

In the context of acid gas removal processes, another important aspect to consider is the 

enthalpy of absorption of CO2, as the major source of heat in the system is the heat released 

when CO2 is absorbed by MDEA. As for the heat of absorption, the enthalpy of the standard 

state (ΔHo,heat of reaction) was obtained by calculating the heat of absorption generated per 

one mole of CO2. The heat of absorption is not greatly affected by pressure [129]. The enthalpy 

of absorption is calculated by using following equation: 

 
ln( )
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abs

x

d P
H

d T

 
   

 
  (4.5) 

The comparison between the PR-CPA EoS predictions and the experimental data of the 

enthalpy of absorption of CO2 in MDEA is shown in Figure 5-8. With 20 wt% MDEA, 

temperature from 298 to 333 K, which is a typical temperature range for CO2 absorbers, PR-

CPA is able to accurately predict the enthalpy of absorption of CO2. The overall ARD is 

14.5 %. However the increase of -ΔHabs with temperature is not correctly predicted with PR-

CPA EoS. These experimental data should be reviewed by comparing with others. 

 

Figure 5-8 Prediction of enthalpy of absorption of CO2-MDEA-water ternary system with 20 wt % MDEA. 

Lines: PR-CPA EoS prediction, symbols: experimental data from Gupta et al. [130] 
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5.1.4 Comparison with Deshmukh–Mather model 

In section 5.1.2, we showed that PR-CPA EoS is able to accurately represent the phase 

behaviour of CO2–MDEA-water ternary system with a simplified approach to treat the chemical 

reactions and without considering the presence of different electrolytes species. In this section, 

we compare results with Deshmukh–Mather model [6] adjustment, which is detailed in Chapter 

3.  

According to Dicko et al. [57], with the aim of limiting the number of parameters to be adjusted, 

5 parameters are considered as adjustable. The objective function is as the same as PR-CPA 

EoS, it is expressed by Equation (4.2). Optimized parameters are shown in Table 5-6. The ARD 

is 19 %, which is higher than PR-CPA. 

Table 5-6 Adjusted parameters for CO2-MDEA-water ternary system 

Couple βij/kg-H2O/kmol 

MDEAH+–CO2 -7.585 

MDEAH+–HCO3
− -6.015 

MDEA–HCO3
− 48.366 

MDEA–CO3
2− 33.92 

MDEA–MDEA -177.12 

 

Figure 5-9 andFigure 5-10 show the comparison of PR-CPA and Deshmukh–Mather model for 

CO2 in 32 and 19 wt % MDEA aqueous solution respectively. At lower temperature (T<393 K), 

both model are able to represent CO2 total pressure in function of CO2 loading ratio. However, 

at 413 K, Deshmukh–Mather Model fails to describe of experimental curve. Benamor and 

Aroua [56] refined Deshmukh–Mather model for CO2-MDEA-water ternary system by using 

temperature dependent βij . Like section 5.1.3.1, we did not use the set of experimental data with 

25 wt % MDEA in parameter adjustment. The comparison between two models predictions is 

shown in Figure 5-11. It can be seen that both models can predict the tendency of experimental 

data. PR-CPA EoS is more accurate to predict total pressure of CO2-MDEA-water systems. 

Deshmukh–Mather model over predict the total pressure in all range of CO2 loading ratio, the 

ARD is 21 %. However, at 298 K, Deshmukh–Mather is unable to calculate the total pressure. 

It can be explained by that it is out of the range of temperature 313-413 K in adjustment and 
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the chosen chemical equilibrium constants are not validate in the extremity of such range of 

temperature. 

Because of the limitation of Deshmukh–Mather model and better accuracy with PR-CPA EoS, 

the last is chosen for the study on H2S-MDEA-water, H2S-MEA-water and CO2-MEA-water 

ternary system and multi component systems in following sections. 

 

Figure 5-9 Comparison of total pressure of CO2-MDEA-water ternary system with 32 wt% MDEA and 

adjusted values obtained with PR-CPA .Solid lines: PR-CPA EoS, Dotted Lines: DM model. Symbols: 

experimental data from Kuranov et al. [126]. (◆)=313 K, (▲)=333 K, (■)=373 K, (●)=393 K，(×)=413 K 
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Figure 5-10 Comparison of total pressure of CO2-MDEA-water ternary system with 19 wt% MDEA and 

adjusted values obtained with PR-CPA EoS .Solid lines: PR-CPA, Dotted Lines: DM model. Symbols: 

experimental data Kuranov et al. [126]. (◆)=313 K, (▲)=333 K, (■)=373 K, (●)=393 K，(×)=413 K 

 

Figure 5-11 Prediction of total pressure of CO2-MDEA-water ternary system with 25 wt% MDEA. solid 

lines: PR-CPA EoS, Dotted Lines: DM model. Symbols: experimental data from Sidi-Boumedine et al. [127]. 
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5.2 Modeling of H2S-MDEA-water ternary system 

5.2.1 H2S-water Binary system  

In section 5.1, we demonstrated that the solvation effect between CO2 and water cannot be 

neglected. Therefore, in this section, we consider the solvation effect between H2S and water 

(we did not adjust parameters without solvation effect). Therefore, kij is adjustable, two cross 

association parameters (εAiBj and βAiBj) are involved. εAiBj is assumed to be a non adjustable 

parameter with an experimental value set at 108.78 [131]; βAiBj is an adjustable parameter. These 

parameters were estimated by fitting H2S solubility data and using the same objective function 

in section 5.1.1. Table 5-7 summarizes the adjusted parameters and ARD for the VLE data 

treatment of H2S-water binary system. Figure 5-12 shows the comparison between model 

adjustment and experimental data. Our model can well represent H2S-water binary system for 

both liquid and vapour phases with a constant kij and cross association parameters. 

Table 5-7 kij value and ARD of liquid (x) compositions between PR-CPA EoS adjusted data and 

experimental ones obtained for H2S –water binary system. 

 T /K ARD xH2S kij
 βAiBj εAiBj /bar.L.mol-1 Reference 

H2S-water 283-443 2.1 0.0998 0.01427 108.78 [132,133] 

 

Figure 5-12 Comparison of experimental H2S solubility in water and adjusted values obtained with PR-

CPA, symbol: experimental data from Selleck et al. [133]; (□)=311K (x)=344K, (○)=377 K , solid lines: PR-

CPA EoS. 
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5.2.2 H2S solubility in aqueous MDEA  

To the best of our knowledge, there is no available experimental data for H2S-MDEA binary 

systems. Using the same method in previous section, parameters for H2S-MDEA binary system 

has been fitted from ternary experimental data. The same number of parameters and the same 

objective function are employed. There are available ternary experimental data with various 

concentration of MDEA from 0.20 to 0.488 [127] [134]. The range of loading rate of H2S is up 

to 1.933. However, in industrial application the loading rate of H2S is normally less than 1.00. 

Therefore, we have chosen experimental data only with loading rate of H2S less than 1.00 for 

parameter estimations. The objective function is the same as which used in section 5.1 

Optimized parameters values are summarized in Table 5-8, the overall ARD is 13% in a 

temperature range from 311 to 388 K.  

Table 5-8 Adjusted Binary Interaction Parameters of PR-CPA for H2S-MDEA-water ternary system 

 

Binary kij
a βAiBj εAiBj /bar.L.mol-1 

 a b×103 /K-1 c×106 /K-2   

water-MDEA -0.190     

H2S-water 0.0998 0.397  0.01427 108.78 

H2S-MDEA 0.8489 -2.834 8.461 0.01846 316.42 

a: 𝑘𝑖𝑗 = 𝑎 + 𝑏 ∙ 𝑇 + 𝑐 ∙ 𝑇2   

Figure 5-13 and Figure 5-14 show the comparison between the total pressure of H2S-MDEA-

water ternary system and the adjusted one obtained with PR-CPA at different MDEA 

concentrations (20 and 48 wt %). It can be highlight that PR-CPA can accurately represent the 

total pressure of H2S-MDEA-water ternary system with temperature range from 311 to 388K, 

and H2S loading ratio from 0 to 0.988.  
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Figure 5-13 Comparison of total pressure of H2S-MDEA-water ternary system with 48 wt% MDEA and 

adjusted values obtained with PR-CPA EoS. Symbols: experimental data from Sidi-Boumedine et al. [127] . 

Solid lines: PR-CPA EoS adjusted data. (◆)=313K, (■)=373 K. 
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Figure 5-14 Comparison of total pressure of H2S-MDEA-water ternary system with 20 wt% MDEA and 

adjusted values obtained with PR-CPA EoS. Symbols: experimental data from Bhairi et al. [134] . Solid 

lines: PR-CPA EoS adjusted data. (◆)=311 K, (▲)=338 K, (■)=388 K. 

5.2.3 Model prediction 

We used the set of experimental data with 20 wt % and 48 wt % MDEA to adjust parameters. 

Experimental data obtained at 35 wt % MDEA [135] are used to validate the model prediction. 

The result is shown in Figure 5-15. It can be seen that, the tendency of total pressure is correctly 

predicted by our model, the ARD is 17 %. However, the total pressure is overestimated for low 

H2S loading ratio (<0.2). 
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Figure 5-15 Prediction of total pressure of H2S-MDEA-water ternary system with 35 wt% MDEA. Symbols: 

experimental data from Jou et al. [135] . Solid lines: PR-CPA EoS. (◆)=313 K, (▲)=373 K. 

5.3 Modeling of CO2-MEA-water ternary system 

In section 5.1, we showed that the PR-CPA EoS with the asymmetric association scheme and 

the consideration of CO2 solvation effect is able to accurately represent the solubility of CO2 in 

aqueous MDEA solution. MEA is also a widely used solvent in acid gas removal process, the 

difference between MEA and MDEA is that a second reaction forming carbomate should be 

considered. Therefore, the two α sites are both active in this case, and two additional parameters 

βAiBj’ 
 and ε

AiBj’ are involved in order to represent the formation of carbomate. The chemical 

reactions taking place are represented in chapter 3.  

The kij between CO2-MDEA is assigned with temperature dependent. All binary parameters 

used in parameter fitting are summarized in Table 5-2. The objective function is used and given 

by Equation (1.1). The results are shown in Table 5-3.  
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Table 5-9 PR-CPA binary parameters for CO2-MDEA-water ternary system  

Binary kij
a βAiBj 

εAiBj 

/bar.L.mol-1 
βAiBj’ 

εAiBj’ 

/bar.L.mol-1 

 a b×103 /K-1 c×106 /K-2     

water-MEA -0.142   NA NA   

CO2-water 0.0052 0.397  0.0136 86.3   

CO2-MDEA -6.99 29.90 -23.73 0.00411 408.62 0.00106 361.17 

a: 𝑘𝑖𝑗 = 𝑎 + 𝑏 ∙ 𝑇 + 𝑐 ∙ 𝑇2  

Figure 5-13 shows the comparison between the total pressure of CO2-MEA-water ternary 

system and the adjusted one obtained with PR-CPA with 30 wt% MEA concentrations. It can 

be highlight that PR-CPA can accurately represent the total pressure of CO2-MEA-water ternary 

system with temperature range from 298 K to 398K, and CO2 loading ratio from 0 to 0.95.  

 

Figure 5-16 Comparison of total pressure of CO2-MEA-water ternary system with 30 wt% MEA and 

adjusted values obtained with PR-CPA. Solid lines: experimental data from Jou et al. [136]. (▲)=298 K, 

(●)=333 K， (×)=353 K, (+)=393 K 
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5.3.1 Model prediction 

5.3.1.1 Liquid phase speciation 

As we explained in chapter 3, although chemical equilibrium constants are not needed in the 

PR-CPA EoS, the concentration of different electrolytes were calculated by using the fraction 

of molecules of CO2 not bonded at the site α (X α,CO2) by using following Equations: 

   1, 2 2, 2

2 1[ ][( ) ]1 ) (CO CO

COMEACOO x X X       (4.6) 

  1 1, 2 2, 2

3 2[ ] 1[ ]CO CO

COHCO x X X       (4.7) 

Where xCO2 is the model concentration of CO2 in the liquid phase 

The PR-CPA EoS is able to accurately predict the speciation of acid gas reacting with aqueous 

alkanolamine solutions. Figure 5-17 shows the excellent agreement between PR-CPA 

prediction and experimental data for the speciation for carbomate and bicarbonate for CO2-

MEA-water ternary system at 313 K. 

 

Figure 5-17 Prediction of liquid phase electrolytes speciation of CO2-MEA-water ternary system with 30 wt 

% MEA at 313.15 K. Solid line: HCO3
-1, dashed line: MEACOO-, dotted line: MEA+MEAH+, symbols: 

experimental data from Hilliard et al. [137] (△)=HCO3
-1,(◇)= MEACOO- (○)=MEA+MEAH+ from Hilliard 

[138], (▲)=HCO3
-1,(◆)= MEACOO- (●)=MEA+MEAH+. 
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5.3.1.2  Vapour phase concentration 

MEA is much more volatile compared to MDEA, accurate prediction of MEA concentration in 

the vapour phase is necessary for process designer to estimate the quantity of loss of solvent. 

Moreover, the water content is crucial for the design of drying units. Figure 5-18 and Figure 

5-19 show that the PR-CPA EoS has also excellent ability to predict vapour phase composition 

on water and MEA at 333 and 313 K respectively.  

 

Figure 5-18 Prediction of vapour phase composition of CO2-MEA-water ternary system with 30 wt % MEA 

at 333.15 K Lines predicted by PR-CPA EoS, Solid line: ywater, dashed line:yMEA, symbol: experimental data 

from Hilliard et al. [138] (▲)=ywater,(◆)= yMEA 
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Figure 5-19 Prediction of vapour phase composition of CO2-MEA-water ternary system with 30 wt % MEA 

at 313.15 K Lines predicted by PR-CPA EoS, Solid line: ywater, dashed line:yMEA, symbol: experimental data 

from Hilliard et al. [138] (▲)=ywater,(◆)= yMEA 

 

5.3.1.3  Enthalpy of absorption 

The enthalpy of absorption of CO2 in aqueous MEA is predicted by PR-CPA EoS at 313 and 

393 K shown in Figure 5-20 and Figure 5-21 respectively. At 313 K, which is a typical 

operational temperature in the absorber, it can be seen that the enthalpy of absorption is 

accurately predicted when the CO2 loading ratio is lower than 0.4, ie. before the formation of 

carbomate. However, the PR-CPA EoS underestimates the enthalpy of absorption by 49% when 

the carbomate is formed. At 393 K, which is an operational temperature in the disrober, the 

enthalpy of absorption can be considered as the opposite value of enthalpy of desorption. The 

trend of enthalpy of absorption variation in function of CO2 loading ratio is correctly predicted. 

The value is underestimated by 25 kJ/mol CO2 in all range of CO2 loading ratio. Brand [139] 

has investigated the enthalpy of absorption of CO2 in aqueous MEA solution with the SAFT-

VR EoS. These values of enthalpy of absorption are underestimated by 50 kJ/mol CO2. As a 

solution, they proposed to reduce the deviation by adding a constant which seems to be not very 

consistent.  

0.000001

0.00001

0.0001

0.001

0.01

0.1

1

0 0.1 0.2 0.3 0.4 0.5 0.6 0.7

y i

CO2 loading ratio



135 

 

 

Figure 5-20 Prediction of enthalpy of absorption of CO2-MEA-water ternary system with 30 wt % MEA at 

313.15, Solid line PR-CPA EoS, symbol: experimental data from Hilliard et al. [138] 

 

 

 

Figure 5-21 Prediction of enthalpy of absorption of CO2-MEA-water ternary system with 30 wt % MEA at 

393.15, Solid line PR-CPA EoS, symbol: experimental data from Hilliard et al. [138] 
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5.4 Modelling of H2S-MEA-water ternary system 

 

The reaction mechanism of H2S-MEA is considered as the same as CO2-MEA. Therefore, the 

two α sites on H2S are both active and are represented by two sets of βAiBj 
 and ε

AiBj. The kij 

between H2S-MEA is also considered as temperature dependent. All binary interaction 

parameters used in parameter fitting are summarized in Table 5-10. According to the open 

literature, the experimental data of H2S-MEA-water system are only available in form of partial 

pressure of H2S in function of H2S loading ratio, the objective function is used and given by 

following Equation. The results are shown in Table 5-10.  

 

cal expn
   

exp
i 1  

i

100
P

P

P
f



 
  
 
 

   (4.8) 

Where P is the H2S partial pressure of H2S-MEA-H2O ternary systems. 

Table 5-10 PR-CPA EoS binary parameters for CO2-MDEA-water ternary system  

Binary kij
a βAiBj 

εAiBj 

/bar.L.mol-1 
βAiBj’ 

εAiBj’ 

/bar.L.mol-1 

 a b×103 /K-1 c×106 /K-2     

water-MEA -0.190   NA NA   

H2S-water -0.768 4.1492 -5.1396 NA NA   

H2S-MEA -6.426 38.15 -49.94 0.00380 411.51 0.0170 178.26 

a: kij = a + b ∙ T + c ∙ T2  

Figure 5-22 shows the comparison between H2S partial pressure of H2S-MEA-water ternary 

system and the adjusted one obtained with PR-CPA EoS with 30 wt% MEA concentrations. It 

can be seen that PR-CPA EoS can accurately represent H2S partial pressure of H2S-MEA-water 

ternary system within temperature range from 298 to 393K, when H2S loading ratio is greater 

than 0.2. However, the PR-CPA EoS overestimate H2S partial pressure when the H2S loading 

rate is low (<0.2). 
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Figure 5-22 Comparison of H2S partial pressure of H2S-MEA-water ternary system with 30 wt% MEA and 

adjusted values obtained with PR-CPA. Solid lines: experimental data from Lee et al. [140]. (♦)=298 K, 

(▲)=313 K, (■)=333K, (●)=353 K， (×)=373 K, (+)=393 K 
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5.5 Multicomponent system prediction 

5.5.1 CH4-CO2-H2S-H2O quaternary system 

CH4-CO2-H2S-H2O quaternary system is important to evaluate PR-CPA EoS prediction 

performance. In this section, we compare the model prediction with experimental data from  

Huang et al [141] for two different mixtures in a wide range of temperature (from 310 to 449 

K). The composition of mixtures is represented in Table 5-11.  

Table 5-11 Initial composition of CH4-CO2-H2S-H2O mixtures 

 Mole fraction 

component Mixture 1 Mixture 2 

H2O 0.5 0.5 

CO2 0.05 0.3 

H2S 0.4 0.05 

CH4 0.05 0.15 

 

Table 5-12 shows the model deviation of each component in liquid phase and vapour phases 

for mixtures 1 and 2, PR-CPA EoS has good prediction performance with maximum ARD<20%. 

Li et al. [142] has reduced the model deviation to 10 % with PR-CPA EoS by considering the 

solvation effect of methane with other components, though it is not physically correct.  

Table 5-12 ARD of PR-CPA EoS prediction for CH4-CO2-H2S-H2O quaternary system [141] 

   T /K P /MPa ARD % 

     xCO2 xCH4 xH2O xH2S yCO2 yCH4 yH2O yH2S 

 Mixture 1  
310-449 4.8-17.3 

3.9 13.4 0.1 14.9 0.6 1.3 12.2 2.4 

 Mixture 2  7.2 18.4 0.2 20 0.7 1.2 11.3 1.9 

 

5.5.2 CO2-H2S-H2O-alkanolamine quaternary system 

CO2 and H2S are usually both present in the natural gas reserve. It is important to have an 

accurate thermodynamic model which is able to accurately predict partial pressures of CO2 and 

H2S in aqueous alkanolamine solution. With parameters from previous sections, the PR-CPA 

EoS prediction is compared with experimental data of CO2-H2S-H2O-MEA [140] and CO2-

H2S-H2O-MDEA [143]. Within temperature range from 311 to 393 K, Figure 5-23 and Figure 
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5-24 describe excellent agreement between PR-CPA EoS prediction and experimental data [140] 

for H2S and CO2 respectively in MEA. Satisfactory results have been found for MDEA.  

Two tails students t-test have been carried out for those systems, the P value is between 0.001 

and 0.073, it demonstrate the model prediction is in good agreement with experimental data. 

 

 

Figure 5-23 Prediction of H
2
S partial pressure in a CO

2
-H

2
S-water-MEA(15 wt%) quaternary system : 

experimental data from Lee et al. [140]. P=0.001 for student t-test 
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Figure 5-24 Prediction of CO
2
 partial pressure in a CO

2
-H

2
S-water-MEA(15 wt%) quaternary system : 

experimental data from Lee et al. [140]. P=0.033 for student t-test 

 

Figure 5-25 Prediction of CO
2
 partial pressure in a CO

2
-H

2
S-water-MDEA(50 wt%) quaternary system : 

experimental data from Jou et al. [143]. P=0.057 for student t-test 
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Figure 5-26 Prediction of H2S partial pressure in a CO
2
-H

2
S-water-MDEA(50 wt%) quaternary system : 

experimental data from Jou et al. [143] P=0.073 for student t-test 

 

5.5.3 CO2-H2O-MDEA-CH4 quaternary system 

In previous sections, we showed that PR-CPA EoS is able to accurately describe the phase 

behaviour of CO2-MDEA-water and CH4-MDEA-water ternary system. In the context of acid 

gas removal from natural gas, it is necessary to validate the model with the presence of methane. 

In this work, CO2-MDEA-water-CH4 quaternary system has been chosen. Pure component 

parameters and binary interaction parameters have the same values that we determined in 

previous sections. 

Since available experimental data in the open literature do not provide any initial global 

composition (z), it is not possible to predict by using Flash calculation. However, the 

concentration of MDEA and the solubility of CH4 and CO2 are presented [144]. Therefore, 

prediction has been done by bubble point calculation to compare the vapour phase composition. 

Table 5-13 summarizes the experimental data from Addicks et al. [144] and the prediction by 

PR-CPA EoS. It can be seen that the evolution of yCO2 has been correctly predicted in function 

of temperature and CO2 loading ratio. yCO2 is better predicted at higher temperature than at 

lower temperature. yH2O and yMDEA are also predicted by our model. Due to experimental 
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equipment limits, water and MDEA compositions in the vapour phase are not available in the 

open literature; it is not possible to compare the predicted yMDEA and yH2O with experimental 

data. We have presented renormalized yCO2 and yCH4 without considering MDEA and water 

presence in the vapour phase. However, the total pressure is always underestimated; the 

deviation is about 25 % in general. In fact, the predicted total pressure is very sensible to 

methane composition in the liquid phase, +1% xCH4 can almost lead to +1% total pressure. 

 

Table 5-13 Experimental data [144] and model prediction data for CO2-MDEA-water-CH4 quaternary 

system at 10 MPa with 30 wt % MDEA  

T 

/K 

Pexp 

/Mpa 

CO2 loading  

ratio 
x water x MDEA x CO2 x CH4 

313.15 10 0.2586 0.9231 0.0599 0.0154 0.0016 

313.15 10 0.6203 0.9035 0.0586 0.0364 0.0015 

353.15 10 0.6895 0.9000 0.0584 0.0403 0.0013 

353.15 10 0.7713 0.8957 0.0581 0.0448 0.0013 

353.15 10 0.8347 0.8926 0.0579 0.0483 0.0012 

 

Pcal 

/MPa 
y water cal y MDEA cal yCO2 exp y CO2 cal y CO2 cal re* yCH4 exp y CH4 cal y CH4cal re* 

7.84 0.0011 1.20E-07 0.0011 0.0025 0.0025 0.9989 0.9964 0.9975 

7.65 0.0012 4.20E-07 0.0048 0.0122 0.0122 0.9952 0.9866 0.9878 

7.29 0.0076 1.10E-05 0.0778 0.0886 0.0893 0.9222 0.9037 0.9106 

7.19 0.0079 1.30E-05 0.1056 0.1299 0.1309 0.8944 0.8622 0.8691 

7.07 0.0082 1.60E-05 0.1441 0.1825 0.1840 0.8559 0.8093 0.8160 

*Renormalized value ( neglecting the presence of water and MDEA in the vapour phase) 

 

 

5.5.4 EM-CO2-MDEA-water-CH4 multi-component system  

EM-CO2-MDEA-water-CH4 multi-component system is chosen as to evaluate the model 

performance for predicting mercaptan solubility in loaded alkanolamine solution. Experimental 

data of various mercaptan-CO2-amine-water-CH4 has been measured in CTP and are available 
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in the ongoing GPA research report 142 [145]. Pure component parameters and binary 

interaction parameters are taken from previous sections. 

Table 5-14 summarizes the experimental data and the prediction by PR-CPA EoS. The 

composition of EM in the vapour phase is accurately predicted, the ARD is 5%. Moreover, the 

order of magnitude of yCO2 is correctly predicted. yH2O and yMDEA are also predicted by our 

model. Water and MDEA compositions in the vapour phase are not available; we cannot 

compare the predicted data with experimental ones. We have been renormalized yEM, yCO2 and 

yCH4 without considering MDEA and water presence in the vapour phase. Due to the sensibility 

of methane solubility, the total pressure of EM-CO2-MDEA-water-CH4 is underestimated by 

30%.  
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Table 5-14 Experimental data from Boonaert et al. [145]  and mode prediction  by PR-CPA for EM-CO2-MDEA-water-CH4 system at 7 MPa with 25 wt % MDEA 

T 

/K 

Pexp 

/MPa 

CO2 

loading 

ratio 

xH2O xMDEA xCO2 xEM xCH4 

333.35 7.008 0.155 0.944 0.04760 0.00740 0.00030 0.00104 

333.35 7.035 0.309 0.937 0.04720 0.01460 0.00027 0.00091 

365.12 7.056 0.14 0.944 0.04760 0.00668 0.00026 0.00110 

365.12 6.984 0.253 0.939 0.04740 0.01199 0.00025 0.00097 

 

Pcal y H2O cal y MDEA cal y CO2 exp y CO2 cal y CO2 cal re * y EM exp y EM cal y EM cal re * y CH4 exp y CH4 cal y CH4 cal re * 

/MPa            

4.97 0.0041 3.32E-07 0.0013 0.0040 0.0040 0.0039 0.0041 0.0041 0.9950 0.9870 0.9911 

4.03 0.0050 4.81E-07 0.0043 0.0109 0.0110 0.0042 0.0038 0.0038 0.9910 0.9800 0.9849 

5.14 0.0137 2.77E-06 0.0067 0.0111 0.0113 0.0045 0.0044 0.0044 0.9890 0.9700 0.9835 

4.36 0.0161 3.76E-06 0.0120 0.0256 0.0260 0.0049 0.0044 0.0045 0.9780 0.9530 0.9686 

*Renormalized value ( neglecting the presence of water and MDEA in the vapour phase) 
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Conclusion 

 

The asymmetric association scheme for MDEA, temperature dependent kij, and consideration 

of solvation effect between CO2-water with PR-CPA EoS is the best configuration to represent 

CO2-MDEA-water ternary system. With optimized parameter fitting from experimental data, 

different thermodynamic properties such as VLE, liquid phase speciation, enthalpy of 

absorption, and vapor phase composition have been successfully predicted by PR-CPA EoS. 

PR-CPA EoS is more accurate than DM model in terms of model accuracy and number of 

parameters. The PR-CPA EoS has been extended to H2S-MDEA-H2O, CO2-MEA-H2O, and 

H2S-MEA-H2O ternary systems, we obtained satisfactory results. Different multicomponent 

systems including CO2-H2S-H2O-CH4, CO2-H2S-MEA-H2O, CO2-H2S-MDEA-H2O, CO2-

MDEA-H2O-CH4 CO2-MDEA-H2O-CH4-EM systems have also been correctly predicted by 

PR-CPA EoS.   

PR-CPA EoS can be extended to other acid gas-amine-water systems, especially for new amine 

development. Different types of data such as chemical equilibrium constant, mixture liquid 

density and dielectric constant are not necessarily required by PR-CPA EoS. Because only VLE 

experimental data concerning acid gas solubility in water, amine-water, and acid gas solubility 

in aqueous amine are enough to estimate PR-CPA EoS parameters.  

 

The PR-CPA EoS has some limitations, for example, the reactions between acid gases and water 

have been neglected, and as a result the pH value of the loaded solvent cannot be calculated 

with present PR-CPA EoS. As a solution, the reactions between acid gases and water can be 

treated as strong associations by adding dedicated associations sites on water and acid gases. 

Though we assumed that the electrolytes have no influence on acid gas-water-alkanolamine 

systems, the PR-CPA EoS is not able to correctly present the phase behaviour of those systems 

when the loading ratio of acid gas is greater than 1. PR-CPA EoS will be combined with explicit 

electrolyte terms such as (MSA, Born [52]) to investigate the influence of electrolyte activity. 
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Conclusion and future work 
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Conclusion and future work 

In this thesis, the phase behaviour of mixtures related to acid gas removal from natural gas has 

been investigated. The PR-CPA EoS have been applied on non-reactive systems to describe the 

solubilities of hydrocarbons (including methane, ethane, propane, n-butane, n-pentane, n-

hexane, benzene, toluene, and ethyl-benzene) and mercaptans (including methyl mercaptan and 

ethyl mercaptan) in aqueous MDEA, DEA and MEA solutions in VLE, LLE, and VLLE 

conditions. Pure compounds parameters of associating compounds are determined by 

regression from experimental data. The model describes both pure component liquid density 

and vapour pressure within ARD < 3%. Then, PR-CPA EoS is applied to model phase equilibria 

of mercaptan-water, alkanolamine-water and hydrocarbons-water binary systems. It shows 

good agreement for these binaries systems. Experimental data of hydrocarbons/mercaptans in 

aqueous alkanolamine solutions (solubility) are used to correlate BIPs of corresponding 

hydrocarbons-alkanolamine and mercaptans-alkanolamines binary systems. With optimized 

parameters, hydrocarbons and mercaptans solubilities in aqueous alkanolamine solutions are 

successfully described by the model; the ARDs are under 10% for alkanes, 18% for aromatics 

and 20% for mercaptans. The temperature of minimum solubility was successfully predicted. 

Water content was also accurately predicted in VLE conditions (ARDs are less than 12%) but 

not in LLE conditions. Solubility of two alkanes mixtures in aqueous alkanolamine solutions 

were studied in this work. The model is able to predict main components solubility (The ARDs 

are less than 20%) 

For reactive systems, in the acid gas-alkanolamine-water ternary systems, electrolyte species 

are formed after chemical reactions. In this work, the electrolyses are not treated explicitly. The 

reaction is therefore represented by the incorporation of α sites on CO2 or H2S to the e* site 

which represents the amine site on alkanolamine molecule. Depending on the reaction 

mechanism, the number of active α sites on acid gas can be equal to one or two. Parameters 

between acid gas and alkanolamine (temperature dependent BIP, β e*α 
, ε

 e*α) have been fitted 

from CO2/H2S-alkanolamine-water ternary systems experimental data. Different configurations 

concerning association scheme of alkanolamine, temperature dependency of BIP and solvation 

effect between water and acid gas have been compared with an example of CO2-MDEA-water 

ternary system. The asymmetric association scheme for MDEA, temperature dependent kij, and 

consideration of solvation effect between CO2-water with PR-CPA EoS is the best 

configuration. Using optimized configuration and parameters, the solubility of CO2/H2S in 

aqueous MDEA/MEA solutions were adequately predicted. For CO2-MDEA-water ternary 
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system, PR-CPA EoS was compared with the Desmukh–Mather model which is known as a 

classical model for acid gas treatment. PR-CPA EoS is more accurate than DM model in terms 

of model accuracy (The ARDs is less than 11% and 19% respectively) and number of 

parameters. Only BIPs are needed by PR-CPA EoS, however, the DM model requires different 

types of parameters such as chemical equilibrium constant, dielectric constant, Henry’s law 

constant and adjustable parameters like βij. With optimized parameter fitted from experimental 

data, different thermodynamic properties such as VLE, liquid phase speciation, enthalpy of 

absorption, and vapour phase composition have been successfully predicted by PR-CPA EoS.  

The PR-CPA EoS has been validated by comparing with multi-component systems 

experimental data such as: mixture of hydrocarbons with water-DEA and water-MDEA H2S-

CO2-water-CH4, H2S-CO2-MDEA-water, H2S-CO2-MDEA-water-CH4, CO2-MDEA-water-

CH4-EM, CO2-MDEA-water-CH4-MM, H2S-MDEA-water-CH4-EM, H2S-MDEA-water-CH4-

MM, CO2-H2S-MDEA-water-CH4-EM, CO2-H2S-MDEA-water-CH4-EM. ARD comparison, 

or student test are carried out for those systems Overall, the PR-CPA EoS is able to accurately 

predict the vapour phase composition. MM and EM solubility in aqueous MDEA solution have 

been measured in this work and successfully predicted by PR-CPA EoS. 

As future work, PR-CPA EoS will be applied on other mercaptan (such as n-Propyl Mercaptan 

and n-Butyl Mercaptan)-water-amine systems with or without the presence of acid gases. Some 

experimental data concerning those systems are already available in Gas Processor Association 

research reports. It is interesting to extend the PR-CPA EoS with the pseudo-chemical reaction 

approach on other existing amines, such as alkyl-amine and other physical absorption amines 

(such as glycols). Moreover, because of the advantage on the number of parameter compared 

to other kind of thermodynamic models, it is also interesting to use PR-CPA EoS in new amine 

development in the context of acid gas treatment.  

Thermodynamic models serve process simulation; it is interesting to integrate the PR-CPA EoS 

into commercial process simulation software such as Aspen and Prosim will allow us to 

investigate the model performance on the whole acid gas treatment process. Furthermore, 

chemical reactions in general can be treated as strong association by PR-CPA EoS. PR-CPA 

EoS is potentially a powerful tool for reactive distillation.  
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Appendix I calibrations 

 

 

A-0-1  FID calibration and deviation for EM 
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A-0-2  FID calibration and deviation for CH4 
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A-0-3  TCD calibration and deviation for CH4 
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A-0-4  TCD calibration and deviation for MM 
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A-0-5  TCD calibration and deviation for water  
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A-0-6  pressure calibration and deviation  
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Appendix II uncertainty calculation 

There are two main sources of uncertainties: uncertainties due to calibration and uncertainty 

due to repeatability. The uncertainty due to calibration is of Type B. It means that after 

calibration we do not get directly the uncertainty but the accuracy. A statistic distribution has 

to be chosen. In term of probability it is common to consider a rectangular statistic distribution. 

The rectangular distribution is given as  
3

b
ucalib  . b is defined as the half-width between 

the upper and lower error limits (so the value of the accuracy). This value is obtained after 

polynomial regression between value given by the sensor and the reference value. For a normal 

distribution, ± u encompasses about 68 % of the distribution; for a rectangular distribution, ± u 

encompasses about 58 % of the distribution. 

During an experiment, to determine the value of one quantity (T, P or mole numbers) we have 

to consider all values acquired. It follows a calculation of average values and standard deviation 

u. The averaging of repeated readings yields a mean θavg with a standard deviation u. As 

before, this can be statistically converted to an uncertainty due to repeatability of the 

measurements, via: 
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where, 



n

i

iavg
n 1

1
  

and n is the number of repeated quantity measurements. A Gaussian type of distribution is the 

likely behavior here, since the repeated readings are likely to fall close to the mean (with maybe 

one or two values falling from the mean). This is known as a type A evaluation (systematic 

uncertainty), where only statistical methods are required to interpret the uncertainty. Eq. (2) 

presents the combined standard temperature uncertainty, uc (T). 

     22
 repcalibc uuu 

       (A.2) 

with subscripts calib, rep denoting that of calibration, repeatability.  
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The determination of the uncertainty of the composition required the uncertainty of each mole 

numbers. The uncertainty of the mole fraction is determined after calibration of the GC 

detectors (Equations A.3 and A.4).  



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i

i
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n

n
x           (A.3) 
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For example, for a binary system, one can calculate    
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Uncertainty on apparent Henry’s law constant can be calculated from uncertainty on mole 

fraction (both vapor and liquid phases) and uncertainty on pressure. Equation A.5 details the 

expression. 
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Appendix III Chromatograph of COS, CS2 and CO2 in aqueous 50 wt% 

MDEA solution 

 

Figure 0-1 Chromatograph solute peak area (A) as a function of time for CS2 in 50 wt% MDEA aqueous 

solution at 328 K. 

COS 

 

CO2 

 

Figure 0-2 Chromatograph solute peak area (A) as a function of time for COS and CO2 in 50 wt% MDEA 

aqueous solution at 328 K 
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